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Abstract 
In this study, a dynamic and two-dimensional model for a steam methane reforming process 

integrated with nuclear heat production is developed. The model is based on first principles and 

considers the conservation of mass, momentum and energy within the system. The model is multi-

scale, considering both bulk gas effects as well as spatial differences within the catalyst particles. 

Very few model parameters need to be fit based on the design specifications reported in the 

literature. The resulting model fits the reported design conditions of two separate pilot-scale 

studies (ranging from 0.4 to 10 MW heat transfer duty). A sensitivity analysis indicated that 

disturbances in the helium feed conditions significantly affect the system, but the overall system 

performance only changes slightly even for the large changes in the value of the most uncertain 

parameters.   
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heat. 

 

1. Introduction  
Syngas is an important feedstock for the production of electricity and various chemicals such as 

methanol, ammonia, dimethyl ether, and Fischer-Tropsch liquids. The steam methane reforming 

(SMR) process is a common method of producing syngas [1]. The SMR reaction is endothermic 

and requires high temperatures in order to achieve high conversions of methane [2]. 

Conventionally, the required heat for the reforming process is provided by combustion (typically 

using natural gas) in a furnace, through the auto-thermal reforming process, or through partial 

oxidation. However, there has been research into using alternative sources of providing the 

required high-temperature heat that could reduce the total greenhouse gas emissions (GHG) of the 

process [3], such as nuclear energy. For example, a study by Khojasteh-Salkuyeh and Adams [4] 
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examined the concept from a systems perspective for the production of Fisher-Tropsch liquids, in 

which helium gas was heated in a nuclear reactor to about 1200°C and then used to provide heat 

for natural gas reforming to produce syngas. It was determined that using nuclear heat reduces 

direct fossil fuel consumption for the process as a whole by about 22%, leading to carbon 

efficiencies of up to 72%. A follow up study examining similar ideas for methanol and dimethyl 

ether production found similar advantages [5]. Other studies have investigated a similar approach 

for using nuclear-heat-driven SMR reactions with hydrogen as the final product. Several studies 

were carried out in Germany and Japan on the integrated HTGR/SMR systems [6, 7, 3, 2]. In these 

studies, it has been demonstrated that nuclear energy is a safe, abundant and economically viable 

alternative to produce liquid fuels which can significantly decrease GHG emissions. In each of 

these cases, the key component of the system is the high temperature gas-cooled reactor (HTGR), 

in which a hot gas (usually helium above 800°C) provides the heat necessary to drive the 

endothermic SMR reaction.  

The first pilot plant of an integrated SMR/HTGR was tested in 1972 in Germany [6]. This facility 

was called EVA-I (meaning “single splitting tube”) and used a 1 MW electric heater to heat helium 

at 4 MPa up to 950C in order to mimic the conditions of high-temperature helium in an actual 

nuclear facility. This pilot used a single tube-and-shell type configuration. The helium entered the 

shell, delivering heat through the wall of a single tube. The tube was filled with SMR catalyst in 

which natural gas and steam would be fed for the reforming reaction countercurrent to the helium. 

A second, helical inner tube was embedded inside of the main tube, such that the products of the 

SMR reaction would enter the inner tube, and reverse course to proceed in the co-current to the 

helium. The inner tube did not contain catalyst, and instead served strictly to provide additional 

heat to the catalyst zone and increase the total amount of heat transfer and thereby the methane 

conversion.  

The original design concept used a “direct cycle” in which the helium coolant leaving the nuclear 

reactor directly entered the integrated SMR/HTGR. This is desirable from an efficiency point of 

view because the helium could be obtained at temperatures as high as 1200°C, leading to high 

methane conversions in the SMR. However, later studies by the Japan Atomic Energy Research 

Institute (JAERI) showed that it is necessary to consider an intermediate heat exchanger (IHX) 

and use indirect cycle. In an indirect cycle, high temperature helium leaving the nuclear reactor 



does not enter the SMR/HTGR directly but instead heats a second helium stream in the IHX before 

returning to the nuclear reactor. The second helium stream enters the SMR/HTGR instead, which 

significantly enhances that safety and reliability of the process, but with the downside that the 

second helium stream enters at a lower temperature, making it more difficult to achieve high 

methane conversion. 

Both EVA I and its advanced version EVA II were built, tested, and achieved their design 

objectives. The results from these studies were used to inform the design of a commercial scale 

version called the HTR-Module, with the intent of using an HTR-Module pebble bed nuclear 

reactor integrated with SMR, but this has not yet been constructed to the best of our knowledge [7, 

2]. Later, another test facility with different design was constructed and tested by JAERI to 

establish a design for a larger scale integrated SMR/HTGR with 10 MW thermal output [2]. 

Therefore, the feasibility and satisfactory operability of the integrated SMR/HTGR system has 

been proven at the pilot scale.  

However, many key questions must be answered before the concept can be implemented at the 

commercial scale. The first set of questions concerns unknowns surrounding the dynamic 

behaviour of the SMR/HTRG during transient conditions such as when experiencing disturbances, 

when starting up or shutting down the system, or when transitioning between operating modes. 

Understanding the dynamics of the system is critical for creating an effective control system, which 

is of the highest priority for nuclear-based energy systems. The second set of question concerns 

the unknown optimal design of the SMR/HTRG itself at commercial scale and the larger energy 

conversion system in which it is used. This information is critical for creating a design that is safe, 

reliable, and commercially viable. 

Therefore, in order to answer either set of questions, a rigorous model is needed because many 

factors need to be considered for safety purposes, such as the avoidance of hot spots in the steel or 

catalysts, the non-linear effects of diffusions in complex mixtures which may have unexpected 

contributions during transients, and the avoidance of excessive thermal gradients during transients 

to avoid thermal stress on the steel tubes and shell. Due to the high temperatures involved, it is not 

possible to measure many of these effects directly by experiment, and therefore a sufficiently 

detailed model is needed. Although one prior work has examined the control system of an 

SMR/HTRG system [8], the study was limited to examining the controllability of the pressure 



difference between the shell and the tube sides and the controllability of the other balance of plant 

equipment not relevant to the present study. In addition, the model used for the study was not 

provided in the open literature, which was based on a simplified model using transfer functions 

identified by experiment. As such, the model does not have predictive or generalized capability to 

be used in other designs 

Therefore, this work focuses on the development of a dynamic model for the integrated steam 

reforming and nuclear heat system shown in Figure 1. In this system, hot helium from an 

intermediate heat exchanger flows into the shell side and transfers heat through the wall to the 

tube. In the tube side, process gas flows through the catalyst particles, receives heat from the hot 

gas in the shell, and converts to syngas. Then, hot syngas passes through an inner tube to transfer 

heat to the catalytic region. The model of the system is based on first principles and well-known 

correlations for heat and mass transfer coefficients, diffusion, and reaction kinetics. The resulting 

model is a set of non-linear partial differential and algebraic equations which is solved using the 

finite difference method. The validity of the model is tested using available pilot plant data and 

only a few of the model parameters need to be fitted within small regions of uncertainty. The 

dynamic trajectories and steady state conditions of the key variables of the system are analyzed 

and the effects of disturbances on the system behaviour are investigated. Finally, a sensitivity 

analysis on the model parameters is conducted to demonstrate the impact of parameter changes on 

system performance. 



 

 

 

Figure 1. Schematic of integrated SMR/HTGR system with key variables of the model. 

2. Model development 
The proposed dynamic, heterogeneous model of integrated nuclear heat and SMR is described in 

this section. As shown in figure 2, the model includes seven sub-models: (1) refractory lining of 

the shell, (2) gas phase in the shell side, (3) outer tube wall of the steam reforming tubes, (4) gas 

phase in the tubes, (5) catalyst particles which are packed inside the tubes, (6) inner tube wall and 



(7) gas phase in the inner tubes. It should be noted that the nuclear reactor has not been modelled 

in this work. 

 

Figure 2. Integrated SMR/HTGR Sub-models. 

2.1.Refractory lining  

In this model, it is assumed that the refractory layer, which is used as lining to protect the shell 

from high temperatures, is composed of a single material. In practice, the refractory layer may be 

a complex layout of several different types of refractory brick such as fireclay brick, insulating 

brick and a castable layer [9], but the overall system performance varies very little with the type 

and amount of brick. Therefore, for simplicity, this model considers a single layer consisting of 

the average properties of the actual refractory lining layers in the energy balance equation as 

follows: 

𝜕𝑇𝑟𝑓𝑐𝑡

𝜕𝑡
=

𝐾𝑟𝑓𝑐𝑡

𝜌𝑟𝑓𝑐𝑡𝐶𝑝𝑟𝑓𝑐𝑡

(
𝜕2𝑇𝑟𝑓𝑐𝑡

𝜕𝑧2 +
𝜕2𝑇𝑟𝑓𝑐𝑡

𝜕𝑟2 )        (1) 

Where 𝑇𝑟𝑓𝑐𝑡 is the refractory temperature, 𝐾𝑟𝑓𝑐𝑡 is the refractory thermal conductivity (1.8 w/m 

K), 𝜌𝑟𝑓𝑐𝑡 is the refractory density (2645 kg/m3), 𝐶𝑝𝑟𝑓𝑐𝑡
 is the specific heat capacity of the refractory 

(960 J/kg-K) [10], and 𝑟 and 𝑧 stand for the radial and axial positions, respectively.  

To solve equation (1), four boundary conditions are required. Two of the boundary conditions are 

zero heat flux at the top and bottom of the refractory lining, due to the relatively small cross-

sectional area [11]. These boundary conditions are given as follows: 

𝜕𝑇𝑟𝑓𝑐𝑡

𝜕𝑧
|𝑧=0 =

𝜕𝑇𝑟𝑓𝑐𝑡

𝜕𝑧
|𝑧=𝐿 = 0           (2) 



The other boundary condition is the equivalency of the conductive heat with the convective and 

radiative heat of the gas phase at the inner wall (𝑅𝑖𝑛) of the refractory lining and can be represented 

as follows: 

−𝐾𝑟𝑓𝑐𝑡
𝜕𝑇𝑟𝑓𝑐𝑡

𝜕𝑟
|𝑟=𝑅𝑖𝑛

= ℎ𝑠ℎ𝑒𝑙𝑙,𝑟𝑓𝑐𝑡(𝑇𝑠ℎ𝑒𝑙𝑙 − 𝑇𝑟𝑓𝑐𝑡|𝑟=𝑅𝑖𝑛
) + 𝜎𝜖𝑠ℎ𝑒𝑙𝑙𝜖𝑟𝑓𝑐𝑡(𝑇𝑠ℎ𝑒𝑙𝑙

4 − 𝑇𝑟𝑓𝑐𝑡
4 |𝑟=𝑅𝑖𝑛

) 

 (3) 

Where ℎ𝑠ℎ𝑒𝑙𝑙,𝑟𝑓𝑐𝑡 is the convective heat transfer coefficient from the shell gas to the refractory 

lining inner wall given in the next section and 𝑇𝑠ℎ𝑒𝑙𝑙 is the shell gas phase temperature. 𝜎 is the 

Stefan-Boltzmann constant (5.67 × 10−8 𝑊

𝑚2 𝐾4), 𝜖𝑠ℎ𝑒𝑙𝑙and 𝜖𝑟𝑓𝑐𝑡 are the emissivity of the gas phase 

and refractory, respectively. 𝜖𝑟𝑓𝑐𝑡 is commonly assumed to be constant in the literature, however 

it changes significantly as the temperature changes. Ghouse et al. [12] proposed a correlation for 

𝜖𝑟𝑓𝑐𝑡 which is given as follows: 

𝜖𝑟𝑓𝑐𝑡 = −10−7𝑇𝑟𝑓𝑐𝑡
2 + 8 × 10−5𝑇𝑟𝑓𝑐𝑡 + 0.8935        (4) 

The last boundary condition denotes that the conductive heat transfer at the outer surface of the 

refractory is equal to the convective heat transfer at this surface. This boundary condition is given 

as follows:  

−𝐾𝑟𝑓𝑐𝑡
𝜕𝑇𝑟𝑓𝑐𝑡

𝜕𝑟
|𝑟=𝑅𝑜

= ℎ𝑟𝑓𝑐𝑡,𝑎𝑚𝑏(𝑇𝑟𝑓𝑐𝑡|𝑟=𝑅𝑜
− 𝑇𝑎𝑚𝑏)      (5) 

Where ℎ𝑟𝑓𝑐𝑡,𝑎𝑚𝑏 is the convective heat transfer between the refractory outer surface and the 

ambient and 𝑇𝑎𝑚𝑏is the ambient temperature. 

2.2.Shell gas phase  

This sub-model contains mass and energy balances of the helium gas flows in the shell side. The 

pressure drop in the shell is small (as 1 bar) and assumed to be constant [12]. The mass balance 

equation is given as follows: 

𝜕𝜌𝑠ℎ𝑒𝑙𝑙

𝜕𝑡
= −

𝜕(𝜌𝑠ℎ𝑒𝑙𝑙𝑣𝑠ℎ𝑒𝑙𝑙)

𝜕𝑧
          (6) 

Where 𝜌𝑠ℎ𝑒𝑙𝑙 is the molar density and 𝑣𝑠ℎ𝑒𝑙𝑙 is the velocity of helium gas in the shell. The boundary 

condition of this equation is 𝜌𝑠ℎ𝑒𝑙𝑙(𝑡, 𝑧 = 0) = 𝜌𝑠ℎ𝑒𝑙𝑙−𝑖𝑛𝑙𝑒𝑡. 



The energy balance equation of the shell gas phase is presented as follows: 

𝜕(𝜌𝑠ℎ𝑒𝑙𝑙𝐻𝑠ℎ𝑒𝑙𝑙)

𝜕𝑡
= −

𝜕(𝜌𝑠ℎ𝑒𝑙𝑙𝑣𝑠ℎ𝑒𝑙𝑙𝐻𝑠ℎ𝑒𝑙𝑙)

𝜕𝑧
− 𝑁𝑡𝑢𝑏𝑒(𝑞𝑡𝑢𝑏𝑒𝑟𝑎𝑑

+ 𝑞𝑡𝑢𝑏𝑒𝑐𝑜𝑛𝑣
) − (𝑞𝑟𝑓𝑐𝑡𝑟𝑎𝑑

+ 𝑞𝑟𝑓𝑐𝑡𝑐𝑜𝑛𝑣
)  

          (7) 

Where 𝐻𝑠ℎ𝑒𝑙𝑙is the helium gas molar enthalpy, 𝑁𝑡𝑢𝑏𝑒is the number of tubes inside the shell,  

𝑞𝑡𝑢𝑏𝑒𝑟𝑎𝑑
 and 𝑞𝑟𝑓𝑐𝑡𝑟𝑎𝑑

  are the radiative heat duties per volume of the gas transferred from the 

helium gas to each tube wall and refractory lining, respectively and 𝑞𝑡𝑢𝑏𝑒𝑐𝑜𝑛𝑣
and 𝑞𝑟𝑓𝑐𝑡𝑐𝑜𝑛𝑣

 are the 

convective heat transferred from gas to the each tube wall and refractory lining, respectively. The 

enthalpy of helium gas in the shell is defined as follows: 

𝐻𝑠ℎ𝑒𝑙𝑙 = ∆𝐻𝑓 + ∫ 𝐶𝑝𝑠ℎ𝑒𝑙𝑙
𝑑𝑇

𝑇𝑠ℎ𝑒𝑙𝑙

𝑇𝑟𝑒𝑓
         (8) 

Where ∆𝐻𝑓is the heat of formation (which is equal to zero for helium at the reference temperature 

𝑇𝑟𝑒𝑓=298.15 K) and 𝐶𝑝𝑠ℎ𝑒𝑙𝑙
is the specific heat capacity, which is essentially constant for helium 

gas in the temperature range of interest [13]. 

The other terms of the equation (7) are given as follows: 

𝑞𝑡𝑢𝑏𝑒𝑟𝑎𝑑
=

𝜎𝜖𝑠ℎ𝑒𝑙𝑙𝜖𝑡𝑢𝑏𝑒(𝜋𝐷𝑡,𝑜)(𝑇𝑠ℎ𝑒𝑙𝑙
4 −𝑇𝑤

4|𝑟=𝑅𝑡,𝑜)

𝐴𝑠ℎ𝑒𝑙𝑙
        (9) 

𝑞𝑡𝑢𝑏𝑒𝑐𝑜𝑛𝑣
=

ℎ𝑠ℎ𝑒𝑙𝑙,𝑤(𝜋𝐷𝑡,𝑜)(𝑇𝑠ℎ𝑒𝑙𝑙−𝑇𝑤|𝑟=𝑅𝑡,𝑜)

𝐴𝑠ℎ𝑒𝑙𝑙
        (10) 

𝑞𝑟𝑓𝑐𝑡𝑟𝑎𝑑
=

𝜎𝜖𝑠ℎ𝑒𝑙𝑙𝜖𝑟𝑓𝑐𝑡(𝜋𝐷𝑖𝑛)(𝑇𝑠ℎ𝑒𝑙𝑙
4 −𝑇𝑟𝑓𝑐𝑡

4 |𝑟=𝑅𝑜)

𝐴𝑠ℎ𝑒𝑙𝑙
        (11) 

𝑞𝑟𝑓𝑐𝑡𝑐𝑜𝑛𝑣
=

ℎ𝑠ℎ𝑒𝑙𝑙,𝑟𝑓𝑐𝑡(𝜋𝐷𝑖𝑛)(𝑇𝑠ℎ𝑒𝑙𝑙−𝑇𝑟𝑓𝑐𝑡|𝑟=𝑅𝑜)

𝐴𝑠ℎ𝑒𝑙𝑙
        (12) 

Where 𝜖𝑡𝑢𝑏𝑒 is the tube emissivity, ℎ𝑠ℎ𝑒𝑙𝑙,𝑤is the convective heat transfer coefficient from gas to 

the tubes, 𝐷𝑡,𝑜is the tube outer diameter, 𝑇𝑤 is the tube wall temperature and 𝐴𝑠ℎ𝑒𝑙𝑙 is the cross-

sectional area of the shell. The convective heat transfer coefficient between the shell gas phase and 

tube walls (ℎ𝑠ℎ𝑒𝑙𝑙,𝑤) is given by the correlation provided by Geankopolis [1] as follows: 

ℎ𝑠ℎ𝑒𝑙𝑙,𝑤 =
𝐾𝑠ℎ𝑒𝑙𝑙

𝐷𝑡,𝑜
(0.163 𝑅𝑒𝑡𝑢𝑏𝑒𝑃𝑟𝑠ℎ𝑒𝑙𝑙

1/3)        (13) 



Where 𝑅𝑒𝑡𝑢𝑏𝑒 =
𝐷𝑡,𝑜𝑣𝑠ℎ𝑒𝑙𝑙𝜌𝑚𝑎𝑠𝑠

𝜇𝑠ℎ𝑒𝑙𝑙
 is the Reynolds number over the tubes, 𝜌𝑚𝑎𝑠𝑠 is the mass density, 

𝜇𝑠ℎ𝑒𝑙𝑙 is the dynamic viscosity of the gas, 𝑃𝑟𝑠ℎ𝑒𝑙𝑙 =
𝐶𝑝𝑠ℎ𝑒𝑙𝑙

𝜇𝑠ℎ𝑒𝑙𝑙

𝐾𝑠ℎ𝑒𝑙𝑙
 is the Prandtl number of the gas 

and 𝐾𝑠ℎ𝑒𝑙𝑙 is the conductive heat transfer coefficient of the shell gas. 

In addition, the convective heat transfer coefficient between the shell gas phase and the refractory 

lining (ℎ𝑠ℎ𝑒𝑙𝑙,𝑟𝑓𝑐𝑡) is given by Gneilinski as follows [10]: 

ℎ𝑠ℎ𝑒𝑙𝑙,𝑟𝑓𝑐𝑡 =
𝑓𝑓

8
(𝑅𝑒𝑟𝑓𝑐𝑡−1000)𝑃𝑟𝑠ℎ𝑒𝑙𝑙

1+12.7(
𝑓𝑓

8
)

1
2

(𝑃𝑟𝑠ℎ𝑒𝑙𝑙

2
3−1)

         (14) 

Where 𝑓𝑓 = 0.316𝑅𝑒𝑟𝑓𝑐𝑡
−1/4

 is the friction factor [10] and 𝑅𝑒𝑟𝑓𝑐𝑡 =
𝐷𝑜𝑣𝑠ℎ𝑒𝑙𝑙𝜌𝑚𝑎𝑠𝑠

𝜇𝑠ℎ𝑒𝑙𝑙
 is the Reynolds 

number of the shell gas. The boundary condition of equation (7) is 𝑇𝑠ℎ𝑒𝑙𝑙(𝑡, 𝑧 = 0) = 𝑇𝑠ℎ𝑒𝑙𝑙−𝑖𝑛𝑙𝑒𝑡. 

2.3.Tube wall  

Tube wall temperature variations are considered in radial and axial axis as follows: 

𝜕𝑇𝑤

𝜕𝑡
=

𝐾𝑤

𝜌𝑤𝐶𝑝𝑤

(
𝜕2𝑇𝑤

𝜕𝑧2 +
𝜕2𝑇𝑤

𝜕𝑟2 )          (15) 

Where 𝐾𝑤 is the wall thermal conductivity (25.5 w/m K), 𝜌𝑤 is the wall density (7940 kg/m3) and 

𝐶𝑝𝑤
 is the specific heat capacity of the wall (500 J/kg K) [14]. The tube material is Incoloy 800H 

and the average properties are used in the equation (15).  

To solve equation (15), again four boundary conditions are required. One of the boundary 

conditions states that convective and radiative heat in the outer layer (𝑅𝑡𝑜) of the tube is equal to 

the conductive heat transferred at that layer. This boundary condition is given as follows: 

𝐾𝑤
𝜕𝑇𝑤

𝜕𝑟
|𝑟=𝑅𝑡𝑜

= ℎ𝑠ℎ𝑒𝑙𝑙,𝑤(𝑇𝑠ℎ𝑒𝑙𝑙 − 𝑇𝑤|𝑟=𝑅𝑡𝑜
) + 𝜎𝜖𝑠ℎ𝑒𝑙𝑙𝜖𝑤(𝑇𝑠ℎ𝑒𝑙𝑙

4 − 𝑇𝑤
4|𝑟=𝑅𝑡𝑜

)   (16) 

Where ℎ𝑠ℎ𝑒𝑙𝑙,𝑤 is the convective heat transfer coefficient between the shell gas and tube outer 

layer, and 𝜖𝑤is the emissivity of the tube wall.  

In the inner layer of the tube wall, temperature is lower and radiative heat can be neglected, thus 

the boundary condition at this layer (𝑅𝑡𝑖) can be written as: 

𝐾𝑤
𝜕𝑇𝑤

𝜕𝑟
|𝑟=𝑅𝑡𝑖

= ℎ𝑤(𝑇𝑤|𝑟=𝑅𝑡𝑖
− 𝑇𝑔𝑎𝑠)        (17) 



Where ℎ𝑤 is the convective heat transfer between the tube inner wall and the gas in the tube and 

given by equation (31) in the section 2.4. 

At the top and bottom of the tube wall, heat flux can be assumed to be zero since the cross sectional 

area is small. Thus, the boundary conditions can be stated as follows: 

𝜕𝑇𝑤

𝜕𝑧
|𝑧=0 =

𝜕𝑇𝑤

𝜕𝑧
|𝑧=𝐿 = 0           (18) 

2.4.Tube gas phase 

In the tube side, steam and natural gas are mixed and converted to the syngas on the catalyst 

surface based on the following reactions [15]: 

𝐶𝐻4 + 𝐻2𝑂 ⇌ 𝐶𝑂 + 3𝐻2  (∆𝐻𝑟,𝑇𝑟𝑒𝑓
= 206.2

𝑘𝐽

𝑚𝑜𝑙
)       (19) 

𝐶𝑂 + 𝐻2𝑂 ⇌ 𝐶𝑂2 + 𝐻2  (∆𝐻𝑟,𝑇𝑟𝑒𝑓
= −41.2

𝑘𝐽

𝑚𝑜𝑙
)       (20) 

𝐶𝐻4 + 2𝐻2𝑂 ⇌ 𝐶𝑂2 + 4𝐻2  (∆𝐻𝑟,𝑇𝑟𝑒𝑓
= 165

𝑘𝐽

𝑚𝑜𝑙
)       (21) 

These reactions are highly endothermic and the required heat is provided by hot helium in the shell 

side. Conversion of these reactions are limited by equilibrium [11].  

Key assumptions of the tube gas phase model are: ideal gas law is used for approximations [16], 

radial variations in the reformer tubes are negligible [17, 18] , the conditions of one tube represent 

the other tubes as well, a pre-reformer converts 𝐶2
+ hydrocarbons into methane, hydrogen or carbon 

monoxide, so heavier-than-methane hydrocarbons are neglected in this model, and the 

steam/carbon ratio is high enough such that carbon deposition will not happen in the reformer [19]. 

The mass balance equation of gas phase in the tube is given as follows: 

𝜕𝐶𝑔𝑎𝑠,𝑖

𝜕𝑡
=

𝜕(𝐶𝑔𝑎𝑠,𝑖𝑣𝑔𝑎𝑠)

𝜕𝑧
− 𝜅𝑔𝑎𝑠,𝑖 (𝐶𝑔𝑎𝑠,𝑖 − 𝐶𝑐𝑎𝑡,𝑖|𝑟=𝑅𝑝

) (
𝑎𝑣

𝜀
) , 𝑖 = 𝐶𝐻4, 𝐻2𝑂, 𝐶𝑂, 𝐻2, 𝐶𝑂2, 𝑁2     

 (22) 

Where 𝐶𝑔𝑎𝑠,𝑖 is the concentration (mol/m3) of each component in the gas phase, 𝑣𝑔𝑎𝑠 is the 

interstitial velocity of the gas, 𝜅𝑔𝑎𝑠,𝑖 is the mass transfer coefficient of the component i (given in 

the equation (24)), 𝐶𝑐𝑎𝑡,𝑖|𝑟=𝑅𝑝
 is the molar concentration of the component i on the catalyst surface, 



𝑎𝑣 = 6(1 − 𝜀)/𝐷𝑝 is the catalyst particle surface area, 𝜀 is the bed porosity and 𝐷𝑝 is the particle 

diameter. The interstitial velocity of the gas is approximated by [16]: 

𝑣𝑔𝑎𝑠 =
𝐹𝑔𝑎𝑠

𝐴𝑡𝑢𝑏𝑒𝜀

𝑅𝑇𝑔𝑎𝑠

𝑃𝑔𝑎𝑠
           (23) 

Where 𝐹𝑔𝑎𝑠 is the total inlet molar flow rate, 𝑇𝑔𝑎𝑠 is the gas phase temperature, 𝑃𝑔𝑎𝑠 is the pressure 

of gas, 𝐴𝑡𝑢𝑏𝑒 =
𝜋

4
(𝐷𝑡𝑖

2 − 𝐷𝑡2,𝑜
2 ) is the cross sectional area of the tube and 𝐷𝑡2,𝑜 is the inner tube 

outer diameter. Furthermore, mass transfer coefficient 𝜅𝑔𝑎𝑠,𝑖 is given by [20]: 

𝜅𝑔𝑎𝑠,𝑖 =
𝑣𝑔𝑎𝑠𝑠

𝜀
 𝑆𝑐𝑔𝑎𝑠,𝑖

−2/3
(

0.765

𝑅𝑒𝑔𝑎𝑠
0.82 +

0.365

𝑅𝑒𝑔𝑎𝑠
0.386)        (24) 

Where 𝑆𝑐𝑔𝑎𝑠,𝑖 = 𝜇𝑔𝑎𝑠/𝜌𝑔𝑎𝑠  𝐷𝑖,𝑚𝑖𝑥  is Schmidt number, 𝑅𝑒𝑔𝑎𝑠 = 𝐷𝑝𝜌𝑔𝑎𝑠𝑣𝑠/𝜇𝑔𝑎𝑠 is Reynolds 

number,𝑣𝑔𝑎𝑠𝑠
= 𝑣𝑔𝑎𝑠𝜀 is the superficial  velocity, 𝜌𝑔𝑎𝑠 is the mass density of process gas, and 𝜇𝑔𝑎𝑠 

is the dynamic viscosity of the gas mixture and 𝐷𝑖,𝑚𝑖𝑥 is the diffusivity of the component i in the 

mixture. 

Considering the counter-current configuration, the boundary condition for the equation (22) is 

given by: 

𝐶𝑔𝑎𝑠,𝑖(𝑡, 𝑧 = 𝐿) = 𝐶𝑔𝑎𝑠,𝑖,𝑖𝑛𝑙𝑒𝑡          (25)  

The pressure drop is computed using the Ergun equation [23] as equation (26). Due to numerical 

stiffness, the dynamic term in the momentum balance equation is not considered [11]. It should be 

noted that, in packed bed reactors pressure drop is mostly due to friction, therefore the dynamic 

term can be neglected [16]. 

𝜕𝑃𝑔𝑎𝑠

𝜕𝑧
=

𝐺

𝜌𝑔𝑎𝑠𝐷𝑝
 
1−𝜀

𝜀3  (
150(1−𝜀)𝜇𝑔𝑎𝑠

𝐷𝑝
+ 1.75𝐺)        (26) 

Where 𝐺 = 𝜌𝑔𝑎𝑠𝑣𝑔𝑎𝑠𝑠
 is the mass velocity. Furthermore, the boundary condition of equation (26) 

is given as 𝑃𝑔𝑎𝑠(𝐿) = 𝑃𝑖𝑛𝑙𝑒𝑡. 

In this study, the temperature in the tube side is low enough such radiative heat can be neglected. 

Therefore, the energy balance is written as: 

𝜕(𝜌𝑚,𝑔𝑎𝑠𝐻𝑔𝑎𝑠)

𝜕𝑡
=

𝜕(𝜌𝑚,𝑔𝑎𝑠𝑣𝑔𝑎𝑠𝐻𝑔𝑎𝑠)

𝜕𝑧
+ 𝑞𝑤 + 𝑞𝑤2

− 𝑞𝑐𝑎𝑡 + ∑ 𝑞𝑖
6
𝑖=1      (27) 



Where 𝜌𝑚,𝑔𝑎𝑠 is the molar density, 𝐻𝑔𝑎𝑠 is the enthalpy of the gas mixture. 𝑞𝑤is the convective 

heat transferred from the tube wall to the gas phase (per unit volume of the gas phase), 𝑞𝑤2
 is the 

convective heat transferred from the inner tube wall to the gas phase, 𝑞𝑐𝑎𝑡 is the convective heat 

transferred from the gas phase to the catalyst particles and 𝑞𝑖 is the energy of component i carried 

from the catalyst phase to the tube gas phase or vice-versa in the form of enthalpy of the mass 

being transferred. The enthalpy and convective heat transfer terms are given as: 

 𝐻𝑔𝑎𝑠 = ∑ 𝑦𝑖  𝐻𝑖,𝑔𝑎𝑠
6
𝑖=1          (28) 

𝐻𝑖,𝑔𝑎𝑠 = ∆𝐻𝑖,𝑓 + ∫ 𝐶𝑝,𝑖𝑑𝑇
𝑇𝑔𝑎𝑠

𝑇𝑟𝑒𝑓
, 𝑖 = 𝐶𝐻4, 𝐻2𝑂, 𝐶𝑂, 𝐻2, 𝐶𝑂2, 𝑁2     (29) 

Where 𝑦𝑖 is the mole fraction, ∆𝐻𝑖,𝑓 is the formation enthalpy in the vapour state and 𝐶𝑝,𝑖 is the 

specific heat capacity of component 𝑖 in the gas phase. 

𝑞𝑤 =
ℎ𝑤(𝜋𝐷𝑡𝑖)(𝑇𝑤|𝑟=𝑅𝑡𝑖

−𝑇𝑔𝑎𝑠)

𝐴𝑡𝑢𝑏𝑒𝜀
          (30) 

Where ℎ𝑤 is the convective heat transfer coefficient between the process gas and inner layer of the 

tube and 𝐷𝑡𝑖 is the inner diameter of the tube. ℎ𝑤 is calculated as follows [24]: 

ℎ𝑤 = 0.4
𝐾𝑔

𝐷𝑝
 (2.58𝑅𝑒𝑔𝑎𝑠

1

3  𝑃𝑟𝑔𝑎𝑠

1

3 +  0.094 𝑅𝑒𝑔𝑎𝑠
0.8  𝑃𝑟𝑔𝑎𝑠

0.4)      (31) 

Where 𝐾𝑔 is the thermal conductivity of the gas mixture, 𝑃𝑟𝑔𝑎𝑠 = 𝐶𝑝,𝑚𝑖𝑥𝜇𝑔𝑎𝑠/𝐾𝑔𝑎𝑠 is the Prandtl 

number and 𝐶𝑝,𝑚𝑖𝑥 is the specific heat capacity of the gas mixture. 

𝑞𝑤2
=

ℎ𝑤2(𝜋𝐷𝑡2,𝑜)(𝑇𝑤2|𝑟=𝑅𝑡2,𝑜−𝑇𝑔𝑎𝑠)

𝐴𝑡𝑢𝑏𝑒𝜀
         (32) 

Where ℎ𝑤2
 is the convective heat transfer coefficient between the process gas and outer layer of 

the inner tube, 𝐷𝑡2,𝑜 is the outer diameter of the inner tube and 𝑇𝑤2 is the inner tube wall 

temperature.  

Convective heat transfer from the gas to the catalyst is defined as follows: 

𝑞𝑐𝑎𝑡 =
ℎ𝑐𝑎𝑡𝑎𝑣(𝑇𝑔𝑎𝑠−𝑇𝑐𝑎𝑡|𝑟=𝑅𝑝)

𝜀
          (33) 



Where ℎ𝑐𝑎𝑡 is the convective heat transfer coefficient between the gas phase and catalyst particles 

and 𝑇𝑐𝑎𝑡 is the catalyst temperature [25]. ℎ𝑐𝑎𝑡 is defined as follows: 

ℎ𝑐𝑎𝑡 =
1.37𝐶𝑝,𝑚𝑖𝑥𝐺

𝜀
(

0.765

𝑅𝑒𝑔𝑎𝑠
0.82 +

0.365

𝑅𝑒𝑔𝑎𝑠
0.386)𝑃𝑟𝑔𝑎𝑠

−2/3        (34) 

𝑞𝑖 is computed based on the species concentration difference between the bulk gas and catalyst 

surface as follows [11]: 

𝑖𝑓 𝐶𝑔𝑎𝑠,𝑖 ≥ 𝐶𝑐𝑎𝑡,𝑖|𝑟=𝑅𝑝
  →  𝑞𝑖 = −

𝐻𝑖,𝑔𝑎𝑠𝜅𝑔𝑎𝑠,𝑖(𝐶𝑔𝑎𝑠,𝑖−𝐶𝑐𝑎𝑡,𝑖|𝑟=𝑅𝑝)𝑎𝑣

𝜀
     (35) 

𝑖𝑓 𝐶𝑔𝑎𝑠,𝑖 < 𝐶𝑐𝑎𝑡,𝑖|𝑟=𝑅𝑝
  →   𝑞𝑖 = −

𝐻𝑖,𝑐𝑎𝑡𝜅𝑔𝑎𝑠,𝑖(𝐶𝑔𝑎𝑠,𝑖−𝐶𝑐𝑎𝑡,𝑖|𝑟=𝑅𝑝)𝑎𝑣

𝜀
     (36) 

Where 𝐻𝑖,𝑔𝑎𝑠 is the component i enthalpy at 𝑇𝑔𝑎𝑠 as given in equation (29) and 𝐻𝑖,𝑐𝑎𝑡 is the enthalpy 

of component 𝑖 at 𝑇𝑐𝑎𝑡. 

The boundary condition of equation (27) is given by: 

𝑇𝑔𝑎𝑠(𝑡, 𝑧 = 𝐿) = 𝑇𝑔𝑎𝑠,𝑖𝑛𝑙𝑒𝑡          (37) 

2.5.Catalyst particles  

The mass balance equation in the catalyst phase is given as follows:  

𝜃𝑐𝑎𝑡
𝜕𝐶𝑐𝑎𝑡,𝑖

𝜕𝑡
=

2

𝑟
𝐷𝑒𝑖,𝑚𝑖𝑥

𝜕𝐶𝑐𝑎𝑡,𝑖

𝜕𝑟
+

𝜕

𝜕𝑟
(𝐷𝑒𝑖,𝑚𝑖𝑥

𝜕𝐶𝑐𝑎𝑡,𝑖

𝜕𝑟
) + 𝑟𝑖𝜌𝑐𝑎𝑡  , 𝑖 = 𝐶𝐻4, 𝐻2𝑂, 𝐶𝑂, 𝐻2, 𝐶𝑂2, 𝑁2 (38) 

It is assumed that particles are a homogenous mixture of solid catalyst and gas in the catalyst pores, 

where 𝜃𝑐𝑎𝑡 (void fraction of catalyst particles) represents the pores’ volumetric fraction in the 

catalyst. In the equation (38) 𝑟𝑖 is the rate of reaction of component 𝑖, 𝜌𝑐𝑎𝑡 is the catalyst density 

and 𝐷𝑒𝑖,𝑚𝑖𝑥 is the effective diffusivity of species 𝑖. The definition of 𝐷𝑒𝑖,𝑚𝑖𝑥 can be found in the 

prior study [11]. The boundary conditions of this equation are as follows: 

𝜕𝐶𝑐𝑎𝑡,𝑖

𝜕𝑟
|𝑟=0 = 0           (39) 

𝐷𝑒𝑖,𝑚𝑖𝑥
𝜕𝐶𝑐𝑎𝑡,𝑖

𝜕𝑟
|𝑟=𝑅𝑝

= 𝜅𝑔𝑎𝑠,𝑖 (𝐶𝑔𝑎𝑠,𝑖 − 𝐶𝑐𝑎𝑡,𝑖|𝑟=𝑅𝑝
)       (40) 

The energy balance equation for the catalyst particles can be written as follows: 



[(1 − 𝜃𝑐𝑎𝑡)𝜌𝑐𝑎𝑡𝐶𝑝𝑐𝑎𝑡
+ 𝜃𝑐𝑎𝑡 ∑ 𝐶𝑐𝑎𝑡,𝑖

6
𝑖=1 𝐶𝑝𝑐𝑎𝑡,𝑖

]
𝜕𝑇𝑐𝑎𝑡

𝜕𝑡
= 𝐾𝑐𝑎𝑡

1

𝑟2

𝜕

𝜕𝑟
(𝑟2 𝜕𝑇𝑐𝑎𝑡

𝜕𝑟
) +

∑ 𝐶𝑝𝑐𝑎𝑡,𝑖
𝐷𝑒𝑖,𝑚𝑖𝑥

𝜕𝐶𝑐𝑎𝑡,𝑖

𝜕𝑟

6
𝑖=1

𝜕𝑇𝑐𝑎𝑡

𝜕𝑟
+ 𝜌𝑐𝑎𝑡 ∑ 𝑟𝑖𝐻𝑖,𝑐𝑎𝑡

6
𝑖=1         (41) 

Where 𝐶𝑝𝑐𝑎𝑡
 is the specific heat capacity of the catalyst particle, 𝐾𝑐𝑎𝑡 is the thermal conductivity 

of the catalyst particle and 𝐶𝑝𝑐𝑎𝑡,𝑖
 is the specific heat capacity of component 𝑖 in the catalyst phase. 

The boundary conditions of catalyst particles are given as follows: 

𝜕𝑇𝑐𝑎𝑡

𝜕𝑟
|𝑟=0 = 0            (42) 

[𝐾𝑐𝑎𝑡
𝜕𝑇𝑐𝑎𝑡

𝜕𝑟
+ ∑ 𝐷𝑒𝑖,𝑚𝑖𝑥𝐻𝑖,𝑐𝑎𝑡

𝜕𝐶𝑐𝑎𝑡,𝑖

𝜕𝑟
]6

𝑖=1
𝑟=𝑅𝑝

= ℎ𝑐𝑎𝑡 (𝑇𝑔𝑎𝑠 − 𝑇𝑐𝑎𝑡|𝑟=𝑅𝑝
) −

𝜀

𝑎𝑣
∑ 𝑄𝑖

6
𝑖=6   (43) 

2.5.1. Steam reforming kinetics 

The steam reforming reaction kinetics equation are presented by Xu and Froment [26] for the Ni-

alumina catalyst. These kinetics have been widely accepted and cited for the steam reforming 

reaction. The reaction rates for equation (19)-(21) are given by equations (44)-(46), respectively. 

𝑟1 =
𝑘1

𝑝𝐻2
2.5 𝐷𝐸𝑁2 [𝑝𝐶𝐻4 𝑝𝐻2𝑂 −

𝑝𝐻2
3 𝑝𝐶𝑂

𝐾1
]           (44) 

𝑟2 =
𝑘2

𝑝𝐻2  𝐷𝐸𝑁2 [𝑝𝐶𝑂 𝑝𝐻2𝑂 −
𝑝𝐻2𝑝𝐶𝑂2

𝐾2
]           (45) 

𝑟3 =
𝑘3

𝑝𝐻2
3.5 𝐷𝐸𝑁2 [𝑝𝐶𝐻4 𝑝𝐻2𝑂

2 −
𝑝𝐻2

4 𝑝𝐶𝑂2

𝐾3
]           (46) 

𝐷𝐸𝑁 = 1 + 𝐾𝐶𝑂𝑝𝐶𝑂 + 𝐾𝐻2
𝑝𝐻2

+ 𝐾𝐶𝐻4
𝑝𝐶𝐻4

+
𝐾𝐻2𝑂𝑝𝐻2𝑂

𝑝𝐻2

     (47) 

Where 𝑝𝑖 = 𝐶𝑐𝑎𝑡,𝑖𝑅𝑇𝑐𝑎𝑡 is the partial pressure of the corresponding species according to the ideal 

gas assumption. 𝑘1, 𝑘2 and 𝑘3 are the reaction coefficients and defined by: 

𝑘1 = 9.49 × 1016 exp (−
28879

𝑇𝑐𝑎𝑡
) , 𝑘𝑚𝑜𝑙

𝑘𝑃𝑎0.5

𝑘𝑔 ℎ
        (48) 

𝑘2 = 4.39 × 104 exp (−
8074.3

𝑇𝑐𝑎𝑡
) ,

𝑘𝑚𝑜𝑙

𝑘𝑃𝑎 𝑘𝑔 ℎ
           (49) 

𝑘3 = 2.29 × 1016 exp (−
29336

𝑇𝑐𝑎𝑡
) , 𝑘𝑚𝑜𝑙

𝑘𝑃𝑎0.5

𝑘𝑔 ℎ
          (50) 



The equilibrium constants are defined as: 

𝐾1 = 10266.76 exp (−
26830

𝑇𝑐𝑎𝑡
+ 30.11) , 𝑘𝑃𝑎2       (51) 

𝐾2 = exp (
4400

𝑇𝑐𝑎𝑡
− 4.063)          (52) 

𝐾3 = 𝐾1𝐾2            (53) 

The adsorption constants in the 𝐷𝐸𝑁 expression are defined by: 

𝐾𝐶𝐻4
= 6.65 × 10−6 exp (

4604.28

𝑇𝑐𝑎𝑡
) , 𝑘𝑃𝑎−1         (54) 

𝐾𝐻2𝑂 = 1.77 × 103 exp (−
10666.35

𝑇𝑐𝑎𝑡
)         (55) 

𝐾𝐻2
= 6.12 × 10−11 exp (

9971.13

𝑇𝑐𝑎𝑡
) , 𝑘𝑃𝑎−1         (56) 

𝐾𝐶𝑂 = 8.23 × 10−7 exp (
8497.71

𝑇𝑐𝑎𝑡
) , 𝑘𝑃𝑎−1         (57) 

Based on the equations (19)-(21), reaction rates of the components can be written as: 

𝑟𝐶𝐻4
= −(𝑟1 + 𝑟3)           (58) 

𝑟𝐻2𝑂 = −(𝑟1 + 𝑟2 + 2𝑟3)          (59) 

𝑟𝐶𝑂 = 𝑟1 − 𝑟2            (60) 

𝑟𝐻2
= 3𝑟1 + 𝑟2 + 4𝑟3           (61) 

𝑟𝐶𝑂2
= 𝑟2 + 𝑟3           (62) 

𝑟𝑁2
= 0            (63) 

More details on the tube model can be found in the prior work [11]. 

2.6.Inner tube wall 

Similar to the tube model, the inner tube wall temperature variations are considered in radial and 

axial dimensions as follows: 



𝜕𝑇𝑤2

𝜕𝑡
=

𝐾𝑤2

𝜌𝑤2𝐶𝑝𝑤2

(
𝜕2𝑇𝑤2

𝜕𝑧2
+

𝜕2𝑇𝑤2

𝜕𝑟2
)         (64) 

Where 𝐾𝑤2 is the wall thermal conductivity (28.5 w/m K), 𝜌𝑤2 is the wall density (7880 kg/m3) 

and 𝐶𝑝𝑤2
 is the specific heat capacity of the wall (741 J/kg K) [27]. It should be noted that, the 

inner tube material is austenitic cast steel made up of alloy IN 519. 

The boundary conditions of the inner tube wall are given as follows: 

𝐾𝑤2
𝜕𝑇𝑤2

𝜕𝑟
|𝑟=𝑅𝑡2,𝑜

= ℎ𝑤2(𝑇𝑤2|𝑟=𝑅𝑡2,𝑜
− 𝑇𝑔𝑎𝑠)        (65) 

The boundary condition at the inner layer of the inner tube (𝑅𝑡2,𝑖) are: 

𝐾𝑤2
𝜕𝑇𝑤2

𝜕𝑟
|𝑟=𝑅𝑡2,𝑖

= ℎ𝑖𝑛𝑛(𝑇𝑤2|𝑟=𝑅𝑡2,𝑖
− 𝑇𝑖𝑛𝑛)        (66) 

Where ℎ𝑖𝑛𝑛 is the convective heat transfer between the inner tube inner wall and the syngas. 

At the top and bottom of the inner tube wall, heat flux can be assumed to be zero since the cross 

sectional area is small. Thus, the boundary conditions can be stated as follows: 

𝜕𝑇𝑤2

𝜕𝑧
|𝑧=0 =

𝜕𝑇𝑤2

𝜕𝑧
|𝑧=𝐿 = 0           (67) 

2.7.Inner tube gas phase 

As shown in figure 1, an inner tube is embedded inside the SMR tubes to recover heat from the 

hot syngas produced in the tube side. It has been shown that this helps increasing the heat transfer 

efficacy and methane conversion as well [2].  

It should be noted that there is no reaction in the inner tube. Therefore, the mass balance equation 

can be written as: 

𝜕𝐶𝑖𝑛𝑛,𝑖

𝜕𝑡
= −

𝜕(𝐶𝑖𝑛𝑛,𝑖𝑣𝑖𝑛𝑛)

𝜕𝑧
          (68) 

Where 𝐶𝑖𝑛𝑛,𝑖 is the concentration of the component 𝑖 the syngas and 𝑣𝑖𝑛𝑛 is the velocity of the gas 

in the inner tube and computed as follows: 

𝑣𝑖𝑛𝑛 =
𝐹𝑔𝑎𝑠(0,𝑡)

𝐴𝑖𝑛𝑛

𝑅𝑇𝑖𝑛𝑛

𝑃𝑖𝑛𝑛
           (69) 



Where 𝐹𝑔𝑎𝑠(0, 𝑡) is the exit molar flow rate of the tube, 𝑇𝑖𝑛𝑛 is the syngas temperature, 𝑃𝑖𝑛𝑛 is the 

pressure of the syngas in the inner tube and 𝐴𝑖𝑛𝑛 is the cross-sectional area of the inner tube. 

The initial and boundary conditions of this equation are 𝐶𝑖𝑛𝑛,𝑖(𝑡, 𝑧 = 0) = 𝐶𝑔𝑎𝑠,𝑖(0, 𝑡). This means 

that the concentration of the components at the inlet of the inner tube is the same as the tube outlet 

concentration. 

The energy balance equation of the inner tube gas phase is given by: 

𝜕(𝜌𝑖𝑛𝑛𝐻𝑖𝑛𝑛)

𝜕𝑡
= −

𝜕(𝜌𝑖𝑛𝑛𝑣𝑖𝑛𝑛𝐻𝑖𝑛𝑛)

𝜕𝑧
−

1

𝐴𝑖𝑛𝑛
𝑄𝑖𝑛𝑛        (70) 

Where 𝜌𝑖𝑛𝑛 = ∑ 𝐶𝑖𝑛𝑛,𝑖
6
𝑖=1  is the molar density of the syngas in the inner tube, 𝐻𝑖𝑛𝑛 is the enthalpy 

of the syngas and 𝑄𝑖𝑛𝑛 is the convective heat transferred from the syngas to the inner tube wall. 

The enthalpy of the syngas in the inner tube, 𝐻𝑖𝑛𝑛 is defined as: 

𝐻𝑖𝑛𝑛 = ∑ 𝑦𝑖𝑛𝑛,𝑖𝐻𝑖𝑛𝑛,𝑖 
6
𝑖=1          (71) 

Where 𝑦𝑖𝑛𝑛,𝑖 is the mole fraction of the component 𝑖 in the gas phase and 𝐻𝑖𝑛𝑛,𝑖 is the enthalpy of 

the component 𝑖 in the gas phase and defined in the same way as equation (29) at 𝑇𝑖𝑛𝑛 temperature. 

Convective heat transferred from the gas to the inner tube wall, 𝑄𝑖𝑛𝑛 is given by: 

𝑄𝑖𝑛𝑛 = ℎ𝑖𝑛𝑛(𝜋𝐷𝑡2,𝑖)(𝑇𝑖𝑛𝑛 −  𝑇𝑤2|𝑟=𝑅𝑡2,𝑖 )       (72) 

Where ℎ𝑖𝑛𝑛 is the convective heat transfer between the inner tube gas phase and the inner tube 

inner wall and given by Dittus-Boelter equation [10] as follows: 

ℎ𝑖𝑛𝑛 =
𝐾𝑖𝑛𝑛

𝐷𝑡2,𝑖
(0.0265 𝑅𝑒𝑖𝑛𝑛

0.8 𝑃𝑟𝑖𝑛𝑛
0.3  )         (73) 

Where 𝐾𝑖𝑛𝑛 is the thermal conductivity of the syngas (which is a function of temperature), 𝑅𝑒𝑖𝑛𝑛 

is the Reynolds number of the gas and 𝑃𝑟𝑖𝑛𝑛 is the Prandtl number of the syngas in inner tube. 

The boundary condition for the energy balance equation is 𝑇𝑖𝑛𝑛(𝑧 = 0, 𝑡) = 𝑇𝑔𝑎𝑠(0, 𝑡). 

Similar to the shell gas phase, the pressure drop in the inner tube is small and fixed at 1 bar. 

The model developed in section 2 is a set of partial differential and algebraic equations (PDAE) 

implemented in the gPROMS software package [28] which is an equation-oriented modelling and 



simulation environment. This software uses finite difference methods (FDM) to discretize the 

PDEs in space. The selection and spacing of the grid points was chosen on a case-by-case basis 

based on error measurements and are described in later sections. 

3. Model validation and parameter estimation 

A survey of the literature shows that several integrated SMR/nuclear heat plants have been 

designed and tested for hydrogen production. As mentioned earlier, most these studies were 

performed by Research Center Julich, SIEMENS-INTERATOM research groups in Germany [6, 

7] or by JAERI [2, 3, 29]. However, the designs developed in Germany usually use a helical or 

other complex geometry for the inner tubes, and thus cannot be used for validation without making 

significant modifications to the proposed model. However, the JAERI design uses a straight inner 

tube design which can be used to validate the presented model with very few modifications.  

The JAERI design uses a high temperature test reactor (HTTR) to produce hydrogen from natural 

gas via the SMR reaction using the heat from a nuclear reactor. The safety and feasibility of the 

HTTR plant has been investigated by JAERI using a smaller scale test facility called the “mock-

up”. The mock-up reactor is 1/30th of the size of the HTTR. Table 1 shows the key design 

specification of the HTTR and the mock-up reactors. As shown in the table, the mock-up reactor 

includes only one SMR tube inside the shell. It should be noted that, in both designs, an 

intermediate heat exchanger has been used between the nuclear reactor and the SMR system for 

safety and operability reasons [2], with helium gas chosen as the heat transfer medium in both 

cases. However, the temperature of the helium in the secondary cycle is lower than the primary 

helium cycle. 

Table 1. Design specification for the High Temperature Test Reactor (HTTR) integrated with SMR. Taken from [29]. 

Specification Mock-up facility HTTR facility 

Process gas conditions   

     Inlet presser 4.3 MPa 4.5 MPa 

     Inlet temperature 450 °C 450 °C 

     Natural gas feed 43.2 kg/h (2.7 kmol/h) 1296 kg/h (81 kmol/h) 

     Outlet temperature 600 °C 580 °C 

     Steam to carbon ratio (S/C) 3.5 3.5 

Helium gas conditions   

    Inlet pressure 4.0 MPa 4.1 MPa 

    Inlet temperature 880 °C 880 °C 

    Feed rate 327.6 kg/h 8748 kg/h 



    Outlet temperature 650 °C 585 °C 

Hydrogen product 120 Nm3/h 4200 Nm3/h 

 

In the HTTR design, the temperature in the shell side is significantly lower than in conventional 

fossil-based SMR plants, such that radiative heat transfer is small, and the heat flux is lower as a 

result. To compensate for this, the HTTR uses disc-type fins around the outer surface of the tubes 

to increase the convective heat transfer coefficient and area. As a result, the heat transfer 

coefficient increases by 2.7 times and the heat transfer area increases by 2.3 times [3]. Therefore, 

in order to account for the effect of the fins in our model, values of the corresponding heat transfer 

coefficient and heat transfer area were scaled up by a factor of 2.7 and 2.3, respectively. 

The key design parameters of the mock-up and HTTR pilots such as number of the tubes, tube 

diameter, thickness, length and material, shell diameter, inner tube diameter, thickness and 

material, catalyst particle size, etc., are necessary for model validation. Table 2 shows the values 

of these parameters wherever they has given, however as shown in the table some of these 

parameters have not been reported in the literature. Therefore, these missing parameters had to be 

estimated in order to validate the model.  

Table 2. Key design parameters of the HTTR and out of pile facilities [3]. 

Parameter Mock-up HTTR 

Number of tubes 1 30 

Catalyst type Ni-Alumina Ni-Alumina 

Tube material Incoloy 800 H Incoloy 800 H 

Tube length 6.54 (m) 6.54 (m) 

Tube thickness  1 cm 1 cm 

Tube inner diameter 12.8 cm 12.8 cm 

Inner tube thickness - - 

Inner tube inner diameter - - 

Catalyst particle diameter - - 

Refractory inner diameter 16.2 cm - 

Inner tube material - - 

 



The missing model parameters were estimated and their values are given in the Table 3. The 

parameters were estimated such that the outlet temperature of the helium gas, the outlet 

temperature of the syngas, and the rate of hydrogen production meet the design specifications 

given in table 1. Note, however, that for all of these missing parameters, the range of practical 

values the parameters can take is actually rather small, and do not actually have a strong influence 

on the reactor exit conditions. For example, the possible choices for the inner tube diameter and 

thickness are selected from a small subset of Japanese industrial standard sizes for alloy IN 519 

pipes at relevant temperatures and pressures [30]. The diameter of the inner and outer tubes are 

likewise constrained to a small range of acceptable values based on geometrical limitations and 

reasonable spacing requirements. The average catalyst particle diameter is perhaps the most 

influential parameter, but again, it is limited to a very small range of possibilities given the tight 

spaces available. Because the parameter estimates are limited to small ranges, the estimation was 

carried out “by hand” via a guess-and-check approach. There were no other model parameters that 

needed to be estimated. 

The results of the model fitting via parameters estimation are shown in Figures 3 and 4. Figure 3 

indicates the model prediction of the mock-up design. The model predicts that cooled helium exits 

the shell at 908 K, which compares well to the actual design criteria of 923 K. On the tube side, 

syngas leaves the inner tube at 883 K, where the design data is 873 K. Also, the model predicts the 

amount of hydrogen produced to be 127 Nm3/h, where the given design data is 120 Nm3/h. Figure 

4 shows the model prediction performance of the HTTR design; in this case, model predicts the 

shell outlet temperature as 869 K compared to the pilot of 853 K, and the syngas outlet temperature 

as 873 K, compared to the design data of 858 K. The model prediction of the hydrogen production 

rate is 4221 Nm3/h and the HTTR design data for this variable is 4200 Nm3/h. These results depict 

that model can predict the mock-up and HTTR plants’ behaviour with high accuracy. The 

maximum error of the temperature prediction is 1.7% and the maximum error of the hydrogen rate 

production is 5.8%.  

Considering the limitations in the validation of the proposed model, the results indicate that the 

model parameters were estimated properly and can be used to analyze and design the integrated 

SMR/nuclear heat systems. 



Table 3. Estimated Parameters.  

Parameter Mock-up HTTR 

Inner tube thickness 0.165 cm 0.165 cm 

Inner tube inner diameter 5.72 cm 5.72 cm 

Catalyst particle diameter 1.2 cm 1.2 cm 

Refractory inner diameter - 0.86 m 

Inner tube material Alloy IN 519 Alloy IN 519 

 



  

Figure 3. Model fitting using mock-up facility data. 

 

 

Figure 4. Model fitting using HTTR facility data. 

Furthermore, choosing the number of nodes to solve the PDAE is a trade-off between the 

computational load and accuracy of the results. The finite differences method by its nature 

introduces error into the estimation of derivatives such that it does not conserve energy or mass. 



Therefore, the accuracy of the results is tested based on mass and energy conservations errors 

within the system boundaries. These errors are defined as follows: 

∆𝑒𝑚1 = ∆𝑚𝑠ℎ𝑒𝑙𝑙           (75) 

∆𝑒𝑚2 = 𝑚𝑡𝑢𝑏𝑒 − 𝑚𝑖𝑛𝑛          (76) 

∆𝑒𝐸 = ∆𝐸𝑠ℎ𝑒𝑙𝑙 − (∆𝐸𝑡 + ∆𝐸𝑟 − ∆𝐸𝑖𝑛𝑛)        (77) 

Where ∆𝑒𝑚1 is the overall mass balance error in the shell side and ∆𝑚𝑠ℎ𝑒𝑙𝑙 is the mass flow rate 

difference between the shell inlet and exit. ∆𝑒𝑚2 is the mass balance error in the tube and inner 

tube side, 𝑚𝑡𝑢𝑏𝑒 and 𝑚𝑖𝑛𝑛 are the masses in the inlet of the outer tube and outlet of the inner tube, 

respectively. ∆𝑒𝐸 is the global energy balance error, ∆𝐸𝑠ℎ𝑒𝑙𝑙, ∆𝐸𝑡, ∆𝐸𝑟 and ∆𝐸𝑖𝑛𝑛 are the energy 

differences between the inlet and outlet of the shell, tube, refractory and inner tube, respectively. 

Results show that mass balances errors are as small as 10-8 kg/s; however, the energy balance error 

changes significantly with the grid size. Table 4 shows the results of the energy balance error and 

CPU time at different grid sizes for the HTTR system. It can be concluded from the table that 

specifying axial nodes as 40, radial nodes as 60 and lateral nodes as 10 is the most efficient choice 

for the HTTR system considering both energy conservation error and CPU time. The error in this 

situation is limited to about 0.25% of the total energy transferred. 

Table 4. Energy balance error vs grid size. 

Number of nodes ∆𝑒𝐸 (MW) CPU time (s) 

Axial nodes=60, Radial nodes=50, 

Lateral nodes=10  

0.0105 

 

809 

 

Axial nodes=50,  Radial nodes=50, 

Lateral nodes=10 

0.0112 

 

635 

Axial nodes=40,  Radial nodes=50, 

Lateral nodes=10  

0.0113 

 

436 

 

Axial nodes=40,  Radial nodes=60, 

Lateral nodes=10 

0.0091 463 

Axial nodes=40,  Radial nodes=40, 

Lateral nodes=10 

0.0121 362 

Axial nodes=40,  Radial nodes=50, 

Lateral nodes=5 

0.0123 394 

 



4. Results and discussion 

Although the 10 MW scale studies were useful for validation of the model, the purpose of this 

work is to present and study an industrial scale design for the integrated system. On such industrial-

scale design is provided by SIEMENS-INTERATOM [2] to produce hydrogen via the SMR 

process using nuclear heat from a HTR-Module pebble bed reactor with 60 MW thermal power. 

The key differences between this design and HTTR facility is higher inlet temperatures and 

pressure of helium in the HTR-Module design. This is due to using the direct helium cycle in the 

HTR-Module design. In addition, the helical inner tube design in the HTR-Module rather than the 

straight one in the HTTR is the other key difference of these two facilities. The design specification 

for this system is given in Table 5. 

Table 5. Design specification for an industrial scale SMR/HTGR system [2]. 

Specification Large scale design 

Process gas conditions  

     Inlet pressure 5.6 MPa 

     Inlet temperature 347°C 

     Feed rate 34.8 kg/s 

     Steam to carbon ratio (S/C) 4 

Helium gas conditions  

    Inlet pressure 4.987 MPa 

    Inlet temperature 950°C 

    Feed rate 50.3 kg/s 

 

The design parameters are also given in Table 6. Some of the parameters such as inner tube 

diameter, thickness, catalyst particle size, and the refractory diameter are not reported, those 

parameters except refractory inner diameter are fixed at the values estimated in the previous 

section. It is assumed that a triangular arrangement of tubes with the C/D ratio (which is center-

to-center distance of tubes /tube outer diameter) of 2 [12] is applied in this design. Therefore, the 

refractory inner diameter is selected based on this assumption and the correlations and guidance 

presented by Kern [31] on heat exchanger design. 

It should be noted that in the large scale design used in this work, the inner tubes are straight with 

disc-type fins on the outer surface of inner tubes to increase the convective heat transfer coefficient 

and area.  



Table 6. Design parameters for the SMR/HTGR used in this work. 

Parameter 
 

Reported parameters [2]  

        Number of tubes 199 

        Catalyst type Ni-Alumina 

        Tube material Incoloy 617 

        Tube length 14 (m) 

        Tube wall thickness  1 (cm) 

        Tube inner diameter 12 (cm) 

Estimated parameters  

        Inner tube thickness 0.165 (cm) 

        Inner tube inner diameter 5.72 (cm) 

        Catalyst particle diameter 1.2 (cm) 

       Refractory inner diameter 2.7 (m) 

       Inner tube material Alloy IN 519 

4.1.Base-case Simulation results  

Based on the above operating conditions and design parameters, the proposed model was used to 

simulate the proposed industrial design and analyze the key process variables as a function of space 

and time. However, because the model is complex and contains over 200,380variables and 

equations, a priori initialization is very difficult. Therefore, a workaround was used in which an 

initial state was given that was fictional but consistent with the model equations, such that 

initialization was possible a priori. From that fictional initial point, the simulation was run with 

various changes in the inlet boundary conditions that allowed the simulation to arrive at a realistic 

steady state. In this case, all variables were set at time zero to be either pure nitrogen on the tube 

side or pure helium on the shell side at 620.15 K, with the inlet boundary conditions set to pure 

nitrogen in the tube side and helium in the shell side flowing in at 620.15 K. This made it possible 

for gPROMS to successfully initialize the simulation and permit dynamic simulation to continue. 

The inlet feed was maintained until steady-state was reached. Then, the inlet boundary conditions 

were step-changed to the feed conditions given in Table 5, and the dynamic simulation continued 

until new steady state conditions attained. Although this final steady state condition is meaningful, 

the transition getting to it is not since it began from a fictional initial state. This final steady state 



condition was saved and then used as the initial condition to initialize future runs of the simulation. 

The results are discussed next. 

 

 

Figure 5. Temperature and conversion profiles at steady-state conditions. 

The steady state performance of the integrated system is shown in Figure 5 as a function of axial 

variations of the shell, outer tube, and inner tube gas phase temperatures, and methane conversion 

in the outer tube section. It has been shown that the helium temperature in the shell drops from 

1223 K in the inlet to 944 K in the shell exit, which results in 72.9 MW cooling duty. In the tube 

side, methane and steam mixture enter the SMR tubes at 620 K, receive heat from the shell and 

inner tube, convert to syngas with 73% methane conversion, then exit the tube at 1126 K. The hot 

syngas proceeds through the inner tube to recover its heat and exits at 864 K. Methane conversion 

in this system is in the range of 65%-90% which reported in the literature for SMR processes [12], 

but not as high as we would like. As mentioned in section 3, due to the low temperature in the shell 

side comparing conventional SMR processes, radiative heat transfer accounts for 5.2% of the total 



heat transfer in the shell and this is one of the reasons for low conversion. In addition, high pressure 

(5.6 MPa) in the tubes causes lower conversion. In integrated SMR/HTGR systems, low pressure 

SMR cannot be applied since high pressure helium is required for the nuclear reactor. 

4.2. Effect of disturbances 

In order to demonstrate the impacts of disturbances on the system performance, common 

disturbances in the process gas (methane/steam mixture) and helium feeds such as changes in the 

feed temperature and steam/carbon ratio were studied.  

The first disturbance investigated is a step increase of 100 K in the tube-side gas feed temperature 

from base-case steady state conditions. Figure 6 shows the trajectories of the shell temperature, 

inner tube temperature, and methane conversion at the shell and inner tube outlets (𝑧=14 m). As a 

result of this change the shell outlet temperature reaches a new steady state of 959 K which 

increased 18 K from the previous steady state; inner tube gas outlet temperature also increases 29 

K from the previous steady state. Furthermore, cooling duty drops from 72.9 MW to 68.3 MW. 

Methane conversion in the inner tube outlet increases only 1.2 percentage points from the previous 

steady state. Therefore, this disturbance does not significantly affect the overall system behaviour.  



 

 

 

Figure 6. Effect of 100 K increase in the process gas feed at t=0 (s) on the outlet temperatures of the shell and inner tube gases and 

methane conversion. 

The second disturbance considered in this study, is 100 K increase in the helium gas inlet 

temperature starting from the base case steady-state. This can happen due to an increase in the 

nuclear reactor temperature or feed flow rate fluctuations in the primary helium cycle. The system 

response to this disturbance is given in Figure 7. As shown in the figure, methane conversion 

significantly increases by this change. It shows a 15 percentage-point increase in the conversion 

from the previous steady state condition. The shell and inner tube outlet temperatures increase 

remarkably, also. Shell outlet temperature increased by 45 K and inner tube outlet temperature 

grows by 37 K from the previous steady state. Due to the larger temperature difference between 

the shell and tube, the cooling duty of the system also increases by 13.5 MW (18.5%).  



 

 

 

Figure 7. Dynamic response of the shell and inner tube outlet temperatures and methane conversion to the 100 K increase in the 

shell inlet temperature at t=0 (s). 

The next disturbance investigated in this study is the impact of the change in the steam to carbon 

ratio (with constant total molar flow rate) on the system behavior from the base case steady-state 

conditions. Several step changes in the S/C ratio are introduced to the system at different times in 

sequence. The disturbances are steam to carbon ratio changes from 4 to 3.5 at 0 (s), from 3.5 to 3 

at 2000 (s), and from 3 to 2.5 at 4000 (s). Figure 8 shows the dynamic responses of the outlet 

temperatures and methane conversion to these disturbances. As a result of these disturbances, the 

shell and inner tube outlet temperatures are change slightly from their previous steady states, with 

a worst-case change of only an 8 K reduction in the outlet temperatures. The cooling duty also 

changes only slightly as a result of the S/C disturbances. However, methane conversion shows a 

significant change; it changes from 0.73 to 0.67, 0.67 to 0.61 and 0.61 to 0.54, respectively, when 

the S/C changes from 4 to 3.5, 3.5 to 3 and 3 to 2.5. Also, methane conversion (in Figure 8) 

overshoots whenever a step disturbance introduced to the system. Analyzing the results indicates 

that diffusion and mass transfer coefficient of the methane suddenly increases due to a step 



decrease in the S/C ratio. This sudden increase causes more methane consumption and, thus the 

overshoot in the methane conversion at that moment. Then both the diffusion and mass transfer 

coefficients of methane begin to decrease and result in lower methane conversion, as shown in 

Figure 9.  

 

Figure 8. Dynamic response of the shell and inner tube outlet temperatures and methane conversion to the steam to carbon ratio 

changes from 4 to 3.5 at 0 (s), from 3.5 to 3 at 2000 (s), and from 3 to 2.5 at 4000 (s). 

 



 

Figure 9. Methane diffusivity and mass transfer coefficients dynamic trajectories in the mixture in response to the steam to 

carbon ratio changes from 4 to 3.5 at 0 (s), from 3.5 to 3 at 2000 (s), and from 3 to 2.5 at 4000 (s).   

4.3. Sensitivity analysis 

It was noted in section 4 that some of the system parameters such as catalyst particle size, inner 

tube diameters, and refractory inner diameter have some uncertainty since they were estimated 

based on reported design data combined with engineering intuition. Even though the range of 

feasible values for these parameters is small, it is still important to investigate the sensitivity of the 

system to changes in those uncertain parameters. The system performance was analyzed for 10% 

and 20% changes in the nominal values of the catalyst particle size, inner tube diameters and 

refractory inner diameter. It should be noted that, inner tube inner and outer diameters were 

simultaneously changed by the same magnitude due to geometric limitations.  

The sensitivity of the system is best demonstrated by the shell and inner tube exit temperatures, 

the methane conversion, and the cooling duty of the system, as they are the most important 

representatives of the integrated system behaviour. Figure 10 shows the percentage of change from 



the base case values by ±10% and ±20% changes in the base case values of the parameters which 

are given in Table 6.  

 

Figure 10. Sensitivity of exit temperatures of the shell and inner tube, CH4 conversion and cooling duty of the system to some of 

the model parameters. 

This figure indicates that a ±20% change in the value of the parameters changes the outlet 

temperatures of the shell and tube by at most ±0.7%, meaning that they are not very sensitive to 

changes in the uncertain parameters. Unlike the outlet temperatures, the methane conversion and  

cooling duty of the system change up to ±4.9% and ±2.7%, which depicts those variables are more 

sensitive to changes in those parameters, even though the overall impact is still relatively small. 

This indicates that the model is meaningful and useful even considering these uncertain 

parameters. 

Generally, in most of the cases, the average catalyst particle diameter is the most influential of the 

uncertain parameters. The methane conversion is impacted the strongest, because smaller particle 

diameters can be packed together more tightly, have reduced impacts of diffusion within the 



catalyst, and increase the pressure drop, all of which lead to either faster reaction kinetics and/or 

higher equilibrium constants. However, this does not imply that smaller particle diameters are 

necessarily better, because the negative effects of pressure loss at the system level can be 

significant in terms of both operational safety and balance-of-plant effects. The optimal particle 

diameter can only be determined at the systems level and is a subject of future study. 

The same idea applies to the shell and tube diameters. While a smaller refractory inner diameter 

or greater tube diameter causes greater heat transfer from the helium gas (and thus increased 

methane conversion) when varied independently, shrinking the refractory inner diameter or 

increasing the tube diameter requires squeezing the tubes closer together, which quickly becomes 

impractical without removing some of the tubes. There is a lower bound on tube pitch ratio (C/D) 

of 1.25 for the triangular and square tube arrangements [32, 33] to allow mechanical cleaning of 

the tubes, and for a clear line-of-sight between the hot helium gas (for radiative heat transfer) and 

the tube surface, and for adequate space for gas to flow between the tubes without causing a 

significant pressure drop. The general conclusion here from an optimal design perspective is 

somewhat obvious in that the shell size and tube spacing should not be bigger than it needs to be. 

5. Conclusion 

This work presents, to the best of our knowledge, the first dynamic two-dimensional model for the 

integrated steam methane reforming and nuclear heat system. Because the model itself is based on 

first principles and commonly used empirical correlations of physical properties, it requires no 

general parameter fitting, which makes it very general and suitable for a wide variety of design 

applications. The model only requires information which is either known by design, or, can be 

readily determined experimentally at the laboratory scale, such as kinetic rate equations, common 

catalyst characteristics such as density and tortuosity, and basic physical property information such 

as heat capacity, thermal conductivity, and density. Because the model considers space-time 

transients within the catalyst particles themselves, it does not make use of effectiveness factors, 

and instead considers the transient effects of diffusion on overall reaction rates. The model was 

validated with two steady-state designs and predicted the output conditions of the reactors 

extremely well. Unfortunately, no experimental information is available on transient behaviour to 

use for validation of the transient portions of the model.  



The model is useful for many applications such as finding the optimal design of the SMR/HTGR 

device and the system in which it is used, and the control of the SMR/HTGR unit which is 

extremely important for safety-critical systems. In particular, the model is useful for predicting 

phenomena which are extremely difficult to measure directly, such as the internal temperature and 

composition profiles inside the catalyst particles, both in steady-state or during transients. The 

latter is of particular importance for the design and operability of the SMR/HTGR unit because, 

as the results of this study showed, disturbances can lead to inverse responses caused by sudden 

shifts in reaction rates that could cause hot spots, cold spots, or other negative effects which are 

hard to measure can greatly impact long-term performance or cause safety issues. 

In future work, this model will be used to help determine optimal designs for the SMR/HTGR 

device in the context of the entire nuclear hydrogen production system. In addition, the model will 

be used to develop control systems to ensure robust, safe, and stable operation. Finally, the model 

will be expanded to include other forms of methane reforming, such as dry reforming (reacting 

methane with CO2 instead of stream) and tri-reforming (having both steam reforming and dry 

reforming simultaneously) by using different catalysts and system arrangements. The 

incorporation of CO2 as a reagent has certain potential benefits such as CO2 emission reduction in 

applications such as synthetic Fisher-Tropsch fuels or mixed alcohols synthesis.  
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 Nomenclature  
 

Subscripts   

𝑟𝑓𝑐𝑡 refractory 

𝑖𝑛 Refractory inner surface 

𝑜 Refractory outer surface 

𝑠ℎ𝑒𝑙𝑙  shell 

𝑐𝑜𝑛𝑣 convection 



𝑟𝑎𝑑 radiation 

𝑤 Tube wall 

𝑡, 𝑜 Tube outer surface 

𝑡𝑢𝑏𝑒 tube 

𝑡𝑖 Tube inner surface 

𝑔𝑎𝑠  Mixture of gases in the tube 

𝑐𝑎𝑡 Catalyst phase  

𝑖 Component counter 

𝑝 particle 

𝑤2 Inner tube wall 

𝑓 formation 

𝑚𝑖𝑥 mixture 

𝑡2, 𝑜 Inner tube outer surface 

𝑡2, 𝑖 Inner tube inner surface 

𝑖𝑛𝑛 Inner tube gas 

𝐸 Energy balance 

𝑚1 Shell side mass 

𝑚2 Tube side mass 

 

Acronyms  

SMR Steam methane reforming 

HTGR High temperature gas-cooled reactor 

HTTR High temperature test reactor 

GHG Greenhouse gases 

JAERI Japan Atomic Energy Research Institute  

PDAE Partial differential algebraic equation 

 

Greek letters   

𝜌 density 

𝜖 emissivity 

𝜎 Stefan-Boltzmann constant 

𝜇 dynamic viscosity  

𝜀 Bed porosity 

𝜋 mathematical constant 

𝜅 Mass transfer coefficient 

𝜃 Catalyst void fraction 
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