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ABSTRACT

The catalytic hydrogenolysis of propane and n-butane have been
investigated in an integral packed bed reactor (0.70 am. I.D. by 25. an.
long). The catalyst was 10.% nickel on silica gel. A blocked factorial
set of experiments were performed at hydrogen to butane feed ratios of
4, to 9., temperatures of 240.°C. to 282.°C. and feed flowrates of 1.0
to 1.8 ml./sec. Kinetic rate expressions were developed to predict the
product distribution, taking into account increasing catalytic activity.
A proposed parameter estimation strategy, applying non-linear regression
theory, was used to obtain the ten kinetic parameters. Error analysis
of the parameters using likelihood ratios is included. Models were
developed to describe the catalyst activity changes observed during
experimentation. The kinetic models predict the experimental observations
very accurately over all conversions and show considerable deviation
only at the cambination of high temperature and low feed ratio.

The butane kinetic model was incorporated into proposed fluidized

(ii)



bed reactor models and sensitivity analyses were performed on catalyst

activity and the interchange parameter.
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NOMENCLATURE

A cross sectional area of packed bed reactor (cm.z)

A, area under chromatogram for component i

c concentration of reacting component (moles/cm.3)

c conversion of butane

<, initial concentration of reacting camponent (moles/cm.3)

S5 reference conversion of butane

Ca maximum relative frequency factor

Cp heat capacity (cal./gm. °C.)

¢  chramatograph calibration factor for component i
(mm. Hg./area)

Deff effective diffusivity (cm.z/sec.)

Knudson Diffusion coefficient (cm.z/sec.)
diameter of particle (cm.)
effective bubble diameter

diameter of cloud region
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binary diffusion coefficient of butane and hydrogen
(cm.4/sec.)

E Expectation Oberator

Ena eddy diffusivity (cm.z/sec.)

F Fraction of C 4* that cracks to C3* and Cl*
F Flowrate (an.3/sec.)

o probability density function
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F effective bubble emulsion interchange factor

Fi mole fraction of component i

G superficial mass velocity (gm./sec. cm.z)

h heat transfer coefficient (cal./sec. cm.2 )

k Arrhenius rate constant

kB frequency factor for butane (moles/sec. vol. reactor
atm,” @) ‘

KPl pre-exponential factor in propane rate expression in
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KPZ ' pre-exponential factor in propane rate expression in
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s K 4 frequency factors
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kn pre-exponential factor for rate constant in model for
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1. INTRODUCTION

For the past five years the faculty and students in the Chemical
Engineering Department at McMaster University have been gaining experience
in the simulation of chemical processes. These have included C.I.L.'s
sulfuric acid plant, Shell's alkylation unit, Alcan's Bayer process,
British Petroleum's waste-water treatment plant, Polymer's light-end
recovery unit, Hercules' polymer reactor train, Atomic Energy's heavy
water process and a number of other processes upon which the faculty
have been consulted. The almost universal experience has been that
sufficient data have not been available to adequately describe the
chemical reactors, although these units are usually the most important
in detemining the plant Qperation and econcmics. The problem is |
usually one of describing the chemical reactions taking place, both with
respect to the mechanism and kinetic rate constants. In most instances
there is a great reluctance to carry out fundamental bench or pilot
scale studies. On the other hand, the plant reactor may be used for
limited testing. It then becomes important to learn how to use this
data to estimate parameters in the proposed modeis. New techniques may
have to be developed; application of known techniques will have to be
tested; and it would seem advisable to gain this experience on-pilot
equipment before proceeding to plant tests. The question really is:
how does one best simulate a chemical reactor, and also what are the
criteria for "best" for a particular simulation study. .

These questions have motivated a progranme' into these aspects.



FIGURE 1-1

‘MODELLING AS AN OPTIMIZATION PROBLEM
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OBJECTIVE: Applicability of the simulation model for

its particular use with respect to:
- accuracy of prediction
- variables required to be predicted
- range over which model is to be used
~ (interpolation or possibly extrapolation)
- time to campute model

N S VVVVV\J
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alyp

Method of obtaining parameters
(a) pertrubing plant reactor in a way

determined by statistics or intuition <—

(b) obtaining necessary parameters fram
sources external to plant reactor

(pilot plant data, literature values, <—

empirical correlations, etc.)

CONSTRAINTS
- Time
- Money
- Facilities available - (laboratory
equipment, computer facilities, etc.)
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This thesis is arpart of this total program. The basic problem is to
investigate the procedures for simulating an industrial chemical reactor,
with all the constraints of an industrial enviromment, in the "best"
way.

This simulation problem may, therefore, be looked upon as an
optimization problem where: (i) the objective function reflects the
requirements imposed upon the particular model depending upon the
ovérall aims of the particular simulatién; (ii) the independent
variables reflects the alternative procedures which may be followed
in developing the simulation model; and (iii) the constraints reflects
the necessity of arriving at a solution, whatever it may be. A
diagrammatic representation of this idea is shown in Figure 1-1. This
épproach emphasizes the fact that there are many alternative models for
a particular unit and the most "sophisticated" need not necessarily be
"best". ‘

The total program is involved with investigating these various
alternatives and evaluating the resulting simulation models in an
effort to find the "best" way of proceeding in the simulation of an
industrial reactor. The models employed may cover the most sophisticated
models based on fundamental mechanisms only, to the campletely empirical
model containing very little basic descriptions. In this study a
campletely mechanistic approach is employed since it is expected to
give the most information about the reaction and, therefore, is expected
to be the basis of camparison for other models and modelling procedures.

An advantage of this method is that the data or parameters

extracted fram a reactor using a mechanistic model reflects to same



4.

degree the fundamentals of the process, that is, the parameters obtained
to a certain extent have physical meaning. Also, the same model may be
used with some confidence in different situations with perhaps some
minor parameter adjustments. With the mechanistic approach, the
simulation of a complicated reactor system may be broken down into
several easier simulations or the camponent parts of the total
camplicated system. The effect of various levels of sophistication of
these camponent parts on the total reactor simulation may then be
studied.

With the mechanistic approach it is not at all surprising and
perhaps inevitable that several concepts may be proposed to try to
explain a physical or chemical occurance. Statistical model discrimina-
tiocn theory may then be useful in determining which of the several
proposed models best describes the physical system.

The type of reactor chosen to represent the general industrial
reactor was the fluidized bed reactor. It was chosen because it was an
example of a reactor where camplicated fluid mechanics occur together
with rather camplicated catalytic reactions. There has been a general
increase in interest in these reactors as indicated by the current
literature and recently published books (PH14)

Thus, in the framework of the total program, the following
aspects can be considered: (i) determination of the chemical kinetics
in a separate bench scale experimental apparatus and using these kinetics
along with plant data to estimate the parameters describing the fluid
mechanics, (ii) obtaining of fluid mechanical parameters through

measurements in the large reactor or in pilot-plant equipment and using
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these to detemine the kinetics from the plant data, (iii) determination
of all parameters simultaneously fram the plant data, (iv) obtaining all
information a priori in pilot experiments and using this to describe
the plant-scale reactor. To carry out this study a pilot-plant scale
fluidized bed reactor was built by Mr. I.D. Shaw, a fellow graduate
student involved in this program. This was built as large as
econamically feasible (initial capital outlay plus operating costs);
it has a height of 8 ft. and an internal diameter of 8 in. (58) 5

The reaction chosen for the fluidized bed was the hydrogenolysis
of normal butane over a 10% nickel on silica gel catalyst. The
hydrogenolysis of n-butane over a 0.5% ruthenium on y-alumina catalyst
was being thoroughly investigated by a Ph.D. graduate student in the
heterogenecus catalysis group in the department and the experience gained
in this work would be very useful for this project. Also, this reaction
may be carried out at fairly low temperatures (500°F.). Moreover, the
kinetics inwolved was thought interesting and camplex enough to give scme
idea of the complications encountered in industrial reactors.

This thesis is mainly concerned with developing a kinetic model

to be used in the mechanistic modelling of a fluidized bed reactor.



2. SCOPE OF THIS WORK

RELATIONSHIP TO TOTAL PROGRAM

In the mechanistic modelling of a fluidized bed reactor, the
nunber of parameters is large. These involve the parameters which
' describe the fluid behaviour in the bed and the parameters which
describe the chemical reaction kinetics. One modelling procedure
involves estimating the kinetic parameters from experiments performed
outside the fluidized bed reactor. In this way, the camplicated
description of the fluid mechanics in the reactor can be awvoided.

Same basic requirements which will be incorporated in a fluidized
bed reactor may be specified at the outset. The kinetic rate expressions
need to be in differential rate form and must not be so complex that
their inclusion in the fluidized bed reactor model leads to
disproportionately long computer times.

It was felt also that the kinetic model should predict the
total product distribution of the cracking reaction (selectivities).

This was particularly important in this case because the rate of reaction
and rate of production of the hydrocarbons inwvolved in this reaction is
very sensitive to the partial pressure of hydrogen. Because there is
this strong interaction of all components, a meaningful rate model must
consider the concentrations of all components and this, therefore, means
that the entire product distribution must be predicted.

Since one of the objectives of the overall project was to apply
statistical model discrimination theory to several proposed fluidized
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bed models, it was felt that the product distribution may give extra
information and perhaps better discrimination among the various kinetic
models than just overall butane conversion. Moreover, this additional
information could make discrimination easier among the fluid mechanical
models in which mixing characteristics, diffusion, by-passing, etc.
must be included. |

THIS WORK

The main concern of this work is in obtaining a kinetic model
which may be incorporated in a fluidized bed reactor model. The kinetics
are to be investigated in a packed bed integral reactor where transport
phenamena and fluid mechanical effects may be largely eliminated.

The packed bed reactor operated as an integral reactor was
chosen for the following reasons: (i) The butane conversion ranges
obtained from this reactor would be close to the range experienced in
the fluidized bed. (ii) This reactor allows an assessment of the quality
of data that may be obtained from inexpensive equipment which could be
built quickly and justified on a plant site. (iii) It allows a direct
dmparism of the quality of the data and ease of analysis with the more
expensive Carberry-type reactor being used by Rempling and Anderson &)
fo investigate the hydrogenolysis of butane over ruthenium and finally,
(iv) Using a packed bed integral reactor provides experience in modelling
and applying parameter estimation techniques to a system which is
non-linear in the parameters and whose responses must be described by a
set of non-linear ordinary differential equations. .

The product distribution of reactants and products (including



methane, ethane, propane, butane and hydrogen) for the n-butane
hydrogenolysis reaction, occurring on a 10% nickel on silica gel
catalyst, was to be studied over the following operation ranges:
(i) Temperature 240° to 283°C.
"~ (ii) Hydrogen to butane molar feed
ratios - 4.to0 9.
(iii) Superficial velocities of the
gases are to be those expected
in the emulsion phase of a
fluidized bed (corrected for
voidage differences)

Similar experiments were performed on propane, over essentially
-the same operating ranges, and an experiment was performed with ethane,
in order to check some assumptions made in the butane cracking model.

'Ihecatalystusedinthepackedbedstudieswasasanpletaken
fram the fluidized bed after the catalyst in the fluidized bed
was mixed by fluidizing.

The kinetic expressions were incorporated into a few of the
simpler fluidized bed models and a sensitivity analysis was performed
to obtain an indication of the behaviour to be expected in a fluidized
bed.



3. LITERATURE SURVEY

3.1 HYDROGENOLYSIS OF SMALL PARAFFINIC HYDROCARBONS

INTRODUCTION

Studies reported in the literature on the hydrogenolysis of
small paraffinic hydrocarbons over a nickel catalyst have been mainly
concerned with ethane; relatively little work has been reported for
propane; and only one study has been made with butane. Moreover this

(A-1)

work of Anderson and Baker on butane, was carried out at low

pressure.

ACTIVATION ENERGY

A sumary of the studies reported to date is given in Table 3.1-1.

Recent work has been done by Kikucki and Morita (K3)

on the cracking of
n-pentane over an 8% nickel on silica gel catalyst; however, only
selectivities and no activation energies were reported. From Table 3.1-1.
the inverse dependence of rate of cracking of hydrocarbon on hydrogen
partial pressure, and the approximate proportionality between rate and
hydrocarbon partial pressure should be noted. The data of Anderson and
Baker(Al) indicate a decrease in activation energy from ethane to
propane; essentially no difference between propane and butane activation
energies was observed. The investigations of Tajbl (r3) on the cracking
of ethane and propane over a 0.5% ruthenium on y-alumina catalyst show
a decrease in activation energy from 42 kcal./mole for ethane cracking

to. 35.8 kcal./mole for propane cracking. Kempling and Anderson (K1) g



TABLE 3-1-1 100
HYDROGENOLYSIS OF PARAFINNIC HYDROCARBONS OVEN MNICKEL CATALYST
AUTHORS TYPE OF TEMPERATURE m n
CATALYST °C. P P,
H. H2
= n=
Anderson, Ni. Films 254 ,-273.
Baker (Al)
(1963)
Tay].or, Sinfelt, Ni. on 10% 287. .8 -101
Yates (T1) Silica 5.% 218, .6 -1.8
(1965) Gel 10.% 177. 1.0 -2.2
(Impreg.)
Yates, Taylor, 10.% Ni. on 187.-227. 1.0 -2.0
w Sinfelt (Y2) Kieselguhr
< (1964)
=
"' Morikawa, 15.% Ni. on 172.-184. -2.5
Benedict, Kieselguhr
Taylor (M1)
(1936)
Kemball, 15.% Ni. on 182. 0.7 -1.2
Taylor (K2) Kieselguhr
(1948)
Tajbl (T3) 58.% Ni. on 182. 0.7 -1.2
Kieselguhr
Shepard (S1) Co-precipt'd. 200.-350. 1.0 -2.0
(1969) 75. Wt. % Ni.
on Alumina
Z  Anderson, Ni. Film 217.-267.
g Baker (Al)
& (1963)
a. .
Morikawa, Trenner, 15.% Ni. on 138.-172. .92 -2.6
Taylor (M2) Kieselguhr
(1937)
- Anderson, Ni. Film 184.-209.
= Baker (Al)
& g (1963)



TABLE 3.1-1 CONT'D.

11.

AUTHORS AE OPERATING OP'G. CONVERSION
kcal./mole H2/H.C. PRESS. RANGE
ACTIVATION
ENERGY RATIO
Anderson, 58. 12 50. - <10.%
Baker Torr.
(1963)
Taylor, Sinfel't, 28.7 3."10. Atmo <1.%
Yates 38.2
(1965) 40.6
Yates, Taylor, 40. 3.-10. Atm. <.5%
mw Sinfelt
= (1964)
=
t Morikawa, 43, S-1.1 1 Atm. Up to
Benedict, 100.%
Taylor
(1936)
Kemball, 52. >1.
Taylor
(1948) 40. <l.
Tajbl 46.4 1.1-150 10-27.%
Shepard 50. “Te <1.%
(1969)
= Anderson, 31. ~12. 50. <10.%
g Baker Torr.
& (1963)
Morikawa, Trenner, 34,
Taylor
(1937)
[43] AnderSOn, 340 500
y = Baker Torr.
- § (1963)
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however, working with the same type of catalyst and flow reactor reported
an activation energy of 48.1 kcal./mole for the hydrogenolysis of butane.
The activation energy as reported in the literature seems to depend on
the state of the catalyst (arising out of 'the techniques used in its
formation and/or pretreatment) and the experimental conditions under
which the reaction was studied. Working with propane, Shepard(Sl) found
that by decreasi.hg the hydrogen partial pressure by one half and making
up the difference in total pressure with nitrogen diluent, the
activation energy was reduced by 7 to 8 kcal./mole. Kemball and
Taylor (K2) found a 12 kcal,/mole decrease in activation energy when
changing the hydrogen to ethane molar feed ratio from greater than one
to less than one.

Activation energy alsc seems to depend upon the state of
dispersion of the nickel on the catalyst support. Taylor, Sinfelt

and Yates (™)

found that upon increasing the nickel surface area from
0.7 to 13.6 m.z/gm. catalyst) by increasing the weight percent nickel
from 1% to 10%, the activation energy for the cracking of ethane increased

from 28.7 to 40.0 kcal./mole. Shepard SV

, however, did not observe an
increase in activation energy, although he was able to increase the
nickel surface area from 5. to 56.m.2/ (gm. catalyst). The catalyst used
was a 75 percent nickel on alumina (coprecipitated) catalyst, obtained
by varying the reducing temperature from 340. to 1160°C. For ocne highly

sintered* catalyst, in which the surface area of active nickel had

* Sintering process - decrease of surface area of active metal by
agglameration of the metal crystallites of the catalyst particles.
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decreased tremendously to 2. m. 2/gm. catalyst, he observed an activation
energy of 34. kcal./mole as compared with the average value of 50.
kcal./mole he observed with the rest of the catalyst samples.

CATALYST ACTIVITY

Catalyst activity has been defined as the number of molecules
or moles reacting per catalyst site per unit of time(ss) . The activity
with reference to a standard activity is, therefore, the ratio of rate
constants under similar reacting conditions. The specific activity is
usually taken with respect to the surface area of active metal catalyst
exposed to the reacting products.

Schuit and Van Reijen performed various investigations of
nickel on silica catalysts. They report that the percentage reduction
of the catalyst is a function of the reducing temperature for various
concentrations of nickel and that the activation energy for reduction
of nickel oxide is approximately 20. kcal./mole. For the sintering
i:rocess occurring simultaneously, this activation energy increased to
44. kcal./mole, the activation energy depending upon the size range of
the nickel crystals on the surface.

Shepard(Sl)
varied directly with metal surface areas as measured by hydrogen

found that the activity of most of his catalysts

chemisorption. He ocould not detect any trend of activity with maximum

observable crystallite size. Sinfelt (S4)

, on varying the nickel
crystallite size from 29 to 88 Angstrom units by varying the pre-
treatment temperature from 370.° to 700.°C., found that the specific

activity of his nickel on silica catalyst decreased fram 1070 to 56 for
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the cracking of ethane. Yates (¥1)

» in studying the cracking of ethane
over a rhodium on silica catalyst, found a maximum catalyst activity

with increasing state of dispersion (i.e. smaller crystallite size).

RATE EXPRESSIONS

There are two commonly used approaches to formulate mathematical
expressions to describe the rate of reaction in hydrogenolysis of short-
chain paraffinic hydrocarbons: (i) that proposed by Hougen and

Watson (F4)

where all the possible steps are described by appropriate
rate expressions and then the whole matrix of equations combined to give
an overall rate expression, (the matrix of equations made up of Hougen
and Watson-type equations for the cracking of butane is given in
Appendix I.2. (ii) that suggested by Cimino, Boudart and Taylor(Cl) in
which equilibrium is assumed between the gaseous and adsorbed hydro-
carbon and the cracking of the adsorped hydrocarbon is the rate
determining step (the kinetic equations developed by this approach is
given in Appendix I.l). '

The latter type of analysis leads to the general relationship:

r = kP P

where r = rate of cracking of the hydrocarbon
Pr.c. @4 Py,
hydrocarbon and hydrogen respectively.

k = Arrhenius rate constant

are partial pressures of the

AE

activation energy

m and n are constants
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3.2 PACKED BED REACTORS

An excellent review article by Hlavadek (HB) describes the various
phenamena occurring in fixed bed reactors and under what conditions they
are important in determining the reactor performance. Hlavadek gives
the mass and energy balance equations for this type of reactor; he
discusses heat and mass transfer within and outside porous catalyst
particles; he discusses axial and radial mixing; he discusses heat
transfer considerations in the packed bed reactor, and finally he
reviews numerical methods of solving the mass and energy balance
equations and describes methods of estimating kinetic parameters in the
packed bed. Another excellent review article is given by Beek(BJ'G) "

Petersen (P4)

gives a sumary of experimental work performed to
study diffusion of the flowing camponent and develops expressions to
consider the importance of the axial mixing of a component involved in
first order reaction.

The effect of mass transfer and heat transfer rates, in and
around the catalyst particles, on the overall rate controlling step in

(C3)

the reaction is discussed by Carberry and Satterfield and

Sherwood. (S7)

. Satterfield and Sherwood gi;re jD and jH curves which
enable the calculation of mass and heat transfer coefficients around
the catalyst particles in a packed bed.

Since the up~-to-date camprehensive reviews mentioned above are

readily available, there is little need to repeat the details here.



The phenamena which need to be considered in the present case are

discussed in Section 6.1.3.

16.
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3.3 MODEL BUILDING AND PARAMETER ESTIMATION

The state of the art in studying rates of catalyzed hetergenous
chemical reactions is such that the true mechanistic rate expression is
virtually impossible to find. Because of the uncertainty and usually
camplicated forms of the proposed models, correct statistical analysis
of the data become essential.

Model building includes; (i) proposing a mechanism, (ii)
evaluating the mechanism in light of experimental data and (iii)
rejecting certain models according to some criterion. Insights into
possible forms of rate expressions arising from various mechanisms

that can be suwggested have been given by Hougen and Watson (H4)

() i and Kittrell and Mezaki (K9) . Methods for

; Cimino
Boudart and Taylor
attenpting to determine whether a proposed mechanism actually represents

the physical behaviour have been discussed by various authors (53, K10,

Y3, B10, Bll, M7)

A proposed model may be modified during experimentation. Box and

Hunter (B6) and Hunter and Mezaki (H2) determine whether a model should be
estimates '
rmodified by treating the parameter/ as observations after a certain

estimates
number of experiments. If the model is correct, these parameter/ should

have little interaction and should remain constant with experimental
operating conditions and the number of experiments perforined.

In catalyzed kinetics, the trend has been to develop models that
have fundamental significance, but contain simplifications so that all

detailed paths of a reaction need not be described mathematically.
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Usually the models developed are still quite complicated and non-linear*

in the parameters. Reviews of methods of estimating these parameters

(B7) | Betmlken (B5) ,

and Bard(BB) and for multi-response cases by Box and Draper (B8) . A good

for a single response are given bv Bard and Lapidus

comparison of the several methods available is given by Kittrell,

Mezaki and Watson (K11) s

Depending upon the non-linearity of the model with respect to
the parameters, the confidence intervals of the parameter estimates

may be obtained in several ways. These are discussed by Beale (B3) .

(H3), and Draper and Snith(Ds).

Hartly
A fuller development of techniques used in this thesis work to
estimate parameters and obtain confidence intervals for these parameters,

along with pertinent references is given in section 6.2.1.

* The derivative of the function with respect to the parameters is
independent of the parameters.
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4. EXPERIMENTAL STUDY

A description of the experimental program will be given in three
sections: experimental apparatus, experimental procedure and experimental

designs.

4.1 EXPERIMENTAL APPARATUS

To study the hydrocracking of butane and propane, a flow system,
shown in Figure 4.1-1 operating essentially at atmospheric pressure
was used. Reaction was carried out by a down flow of reactants, at a
desired temperature, through a packed bed containing 10.% nickel on
silica gel catalyst. All the lines were % in, 0.D. copper tubing,
except for the reactor and preheater lines which were stainless steel.
The analysis of the reactor effluent was carried out by gas chromato-
graphy; on-line’ sampling of reactor effluent was carried out by means
of a gas sampling valve.

The experimental system will be discussed under three headings

covering the feed, reactor and analytical systems in turn.

4,1.1 FEED SYSTEM
A schematic of the feed system is given in Figure 4.1-2, The
butane, propane and hydrogen feed g'ases were obtained from Matheson Co.
By chromatographic analysis, the butane was found to contain approximately 0.4%
iso- butane impurity. Ultra-pure grade hydrogen was used and no
impurities could be detected by chromatography.

The flowrates of the reactant gases,fed fram high pressure
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cylinders, were controlled by needle valves and measured by "capilliary"
flowmeters which consisted of crimped portions of % in. copper tubing.
The pressure drops across the constrictions were measured with meriam
0il (S.G. = 1.1) manameters. Calibration procedures and graphs are
given in Appendix E.2. The flowmeters were isolated fram each other
by 3. ft. of 1/8 in. copper tubing and from the stirrer motor
vibrations by flexible tygon tubing (see Appendix E.2).

The reactant gases were then mixed in a % in. tee before being
fed to the reactor.

The total pressure in the feed system was held constant at
1210. mm. Hg., as measured by a mercury mancmeter, with a Fairchild-
Hiller model 10BP back-pressure regulator.

A mercury mananeter was located immediately downstream of the
back-pressure regulator; it was used to monitor the pressure drop across

the reactor.

4,1.2 REACTOR SYSTEM

The reactor system consisted of a constant temperature bath,
a preheater coil and the reactor proper; the equipment will be described

in this order. A schematic of the reactor system is given in Figure 4.1-3.

CONSTANT TEMPERATURE BATH

The reactor and preheater were placed in a bath of "Hitec" heat

transfer salt (E.I. Dupont Corp.).* Heat was supplied by two 1500 watt

* "Hitec" salt is a eutectic mixture of potassium nitrite, sodium nitrite
and sodium nitrate. It has a melting point of 275°F. and may be used
safely without decomposition to 1100°F.
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4.1-3
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Chramalox immersion-type heaters and this heat input was controlled by a
Variac autotransformer. A two-blade stirrer and variable speed motor
were used to produce uniform temperature throughout the bath. The
position of the stirrer blades and the motor speed was chosen so as to
prodtice uniform thermocouple readings along the length of the reactor,

with no reaction in the reactor.

PREHEATER COILS

The preheater coils consisted of approximately 4. ft. of % in.
dlameter stainless steel tubing immersed in the constant temperature

bath.

REACTOR

| The reactor was 0.276 in. I.D., 3/8 in. 0.D. by 12. in. long
stainless steel tube, held in a vertical attitude. The reactor
contained a charge of 5.650% .001 gm. of 10.% nickel on silica-gel
catalyst to a depth of 25.0+ 0.4 an. The catalyst was supported on a
200 mesh stainless steel screen clamped to the bottom of the reactor
with a Swagelok fitting.

Four chromel-alumel thermocouples were positioned in the centre
of the reactor to measure axial temperature gradients. The top
thermoocouple was located approximately 1 an. below the top of the
catalyst bed and the bottom thermocouple was just below the 200 mesh
support screen. The remaining two thermocouples were spaced evenly
between these two.

The thermoocouple e.m.f. (cold junction in ice water) was recorded

with Honeywell recording potentiometer. Thermocouple calibrations
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were obtained from the Chemical Handbook(W3) . They were not calibrated,

except that all read the same temperature in the absence of reaction.

4.1.3 ANALYTICAL SYSTEM

A schematic of the anlatlytical system is given in Figure 4.1-4.

The products of the cracking reactions were analyzed by a Beckman
GC2A gas chramatograph equiped with a Solex constant woltage transformer
on the input. A 200. ma. filament current and a 35. ml./min.
helium carrier gas flowrate were used; the columns were operated at room
temperature. Prior to use, the thermal conductivity cell was washed in
a chromic acid solution and rinsed with ethyl alcohol and acetone. All
cell inlet parts were blocked with glass wool plugs to prevent entry
of packing fram any of the columns.

Samples were introduced into the chromatograph columns with an
on-line, Varian plunger-typve, sample valve. Two colums in series were
used to effect the required separation. All of the products, except
for methane and hydrogen, were separated in a 24. ft., % in. 0.D. copper
tube packed with 20.% dimethyl-sulfolane on 80./100. mesh P acid
washed chromasorb. The products from this first separation were fed to
one side of the detector cell and then held up in a 40. ft. delay colum
of % in. O. D. copper tubing until all the sample had passed through the
first colum. The final separation of methane and hydrogen was
effected by a 3. ft. colum of 60./80. mesh 5A molecular sieves. All
other components, except these two have a semi-infinite retention time
on the sieves and are permanently held up there. This final separation,
oonsisting only of methane and hydrogen, is then passed through the



other side of the detector block.
A Sargent 1. mv. recording potenticmeter with a rotating ball

mechanical integrator was used to record the chromatograph signals.

27.
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4.2 EXPERIMENTAL PROCEDURE

4,2,1 START UP

The catalyst preparation is given in Appendix D. A charge of
5.650 + .001 gm. of catalyst was placed in the reactor and th;e tube was
vibrated for three minutes with a hand vibrator. Separate experiments
in which the catalyst was put into glass tubes with about the same
diameter showed that no further packing of catalyst occurred after this
time.

The height of the catalyst bed was measured by knowing the
location of the support screen and by passing a wire probe with a
horizental loop at the lower end down into the top of the reactor tube,
until the top of catalyst bed was detected. By performing separate
experiments on glass tubes, it was determined that the observed bed

height of 25.0 &ms. ocould be measured to at least +0.4 anm.

4.2,2 STEADY-STATE OPERATION

This section explains the step-by-step procedure followed in
operating the reactor according to the experimental designs and
obtaining the desired data.

The required flowrates of the feed gases were adjusted so as to
always ensure a hydrogen-ﬁo—hydroca;:bon feed ratio greater than 4:1;
this was done to minimize, if not prevent, carbon deposition on the catalyst
Atmospheric pressure was checked periodically and the back pressure

requlator was adjusted to maintain a constant pressure of 1210. % 2. mm.
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Hg. in the feed éystem. After setting the hydrogen and butane flows to
the desired values, the pressure drops (as indicated by the manometers)
across the flowmeters were recorded. The temperature of the reactor
system was controlled to any desired value by adjusting the woltage
across the salt-bath heaters. Temperatures were recorded continuously
on a Honeywell recording potentiometer. The pressure drop across the
reactor was measured on the mercury manometer. The filament current and
helium carrier-gas flowrate were checked periodically. The total gas
flowrate through the reactor was measured with a bubble flowmeter and
recorded. At least five minutes were allowed for the system to reach
steady state after the desired flowrates were set and the desired
temperature was reached A sample of the reactor effluent was then
.taken by means of the gas sample valve and was analyzed with the gas
chromatograph. The chromatogram was recorded on a Sargent recorder
equipped with a mechanical integrator. Attenuations of the chrcmatogram
were always chosen so as to keep the peak height within a range that
may be recorded by the mechanical integrator. The areas under the
chromatogram peaks were then converted to partial pressures by means of
calibration factors given in Appendix E.2. Mole fraction compositions

of all the components were then calculated.



30.

4.3 EXPERIMENTAL DESIGNS

Two experime'ntal studies were carried out: the hydrogenolysis
(cracking) of butane and the hydrogenolysis of propane.

Two factors were important when considering the experm\ental
program at the outset. Firstly, little was known for this reaction
system about the effects of the independent variables (temperature,
flowrate and feed composition) on the conversion of butane and selec-
tivities of the products; hence these effects had to be studied over a
wide range of the independent variables. Secondly, since a mechanistic
model for the reaction was not conceived at the outset, the independent

D6) so that

variables were chosed according to an experimental design(‘
interaction effects caused by variables could be reduced. Moreover,
these data would be very efficient in providing parameter estimates

for any models that would be conceived. This experimental design would
also provide a good starting point for any planned program for model
discrimination and for parameter estimation, if needed.

Propane cracking experiments were performed to provide a check
on any assumptions relating to propane behaviour (e.g. adsorption or
desorption of propane) when formulating a butane cracking model.

For the butane cracking experiments a blocked factorial design
was chosen with three levels of temperature, two levels of hydrogen-to-
butane feed ratio, and two levels of feed flowrate. The temperature

levels were chosen to produce a wide range of butane conversion as

determined by preliminary experiments. The minimum feed ratio was



EXPERIMENTAL DESIGN IEVELS FOR BUTANE

TABIE 4.3-1

AND PROPANE CRACKING EXPERIMENTS

INDEPENDENT
VARIABIE

TEMPERATURE

MOLAR
FEED RATIO

(H

HYDROCARBON)

FEED FLOWRATE

(.3 /sEC.)

on

MID.

HIGH

mD'

HIGH

MID.

HIGH

31.

IEVEL VALUE
BUTANE PROPANE
EXPERIMENTS - EXPERIMENTS

246.* 258.

258. 270.

282.
a. 4.
6.5 6.5
9. 9.
1.0 1.0
1.4 1.4
1.8 1.8

* One low temperature run was performed at 240.°C.

This was run No.

5.
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chosen so as always to have an excess of hydrogen, even if complete
conversion of butane to methane occurred. The maximum ratio was set
arbitrarily at the maximum to be studied in the fluidized bed reactor.
An attemﬁt was made to set the feed superficial velocity range so as to
include the superficial velocity of the emulsion phase of the fluidized
bed reactor, taking into acocount the difference in voidage between this
phase and the packed bed reactor. At least two replicates were performed
at each experimental level.

A centre point was chosen at the middle of the experimental
design grid and this "centre-point experiment" was performed before and
after each experimental design point. This enabled any changes in

catalyst activity to be followed.

3 (D6)

For the propane experiments, a 2~ factorial design’ was
chosen (three variables, two levels of each variable). Again centre-
point replicates were taken throughout experiment. Since it appeared
that catalyst activity had stabilized, these centre-point replicates
were not taken as frequently as in the butane experiments.

Table 4.3-1 gives the values of the independent variables at
their respective levels for the butane and propane experiments.

Schematic diagrams of the experimental designs are given in Figure 4.3-1.

DISCUSSION OF DESIGNS

These factorial designs may not be the most efficient (i.e. give
minimum variance estimates with least experimentation) for any given
non-linear model. The design of experiments for precise estimation
of parameters in non-linear models was first discussed by Box and

Lucas (B3)
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According to the Box and Iucas criterion: if the predicted

value fram a mathematical model is given by

n, = fx/98) ' 4.1

where x is a vector of operating conditions for the uth

experiment, 6 is a vector of parameters, then the most efficient
operating conditions for parameter estimation should be chosen so as

to maximize the determinant

|F* = B
X = *
where F {(f ru}
and £+ = (8
r 8 = o%

for the rth parameter in the uth run, and 0* is a vector of best
estimates of 6.

Geametrically speaking, the experiment is chosen so as to
minimize the volume in parameter space enclosed by a surface which is
determined by a confidence region for the parameters. A modification of
the design criterion in order to determine some parameters more
precisely than others is given by Hunter, Hill and Henson (B . These
papers refer to situations where there is a single response (e.g.
conversion). When multi-response systems (e.g. conversion plus product
selectivity) are encountered and/or when prior information about
parameter values is available then the design criteria suggested by

(D1, D2, D3)

the work of Draper and Hunter should be used. Box (B4) has

shown theoretically that in certain cases, replications of experiments
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predicted by the Box and Lucas criterion represent the optional design
procedure. Mezaki e3) suggests that, before experimentation, sensitivity
analyses should be performed on the design criteria. This sensitivity
analysis reflects the ability of: the data to produce precise parameter
estimates. It also tells the experimenter to which operating variables
the design criterion is most sensitive. This is important since it may
be found that experimental procedures and/or equipment may not allow
the setting of the independent variables precisely enough to improve
parameter estimates significantly enough to warrant this type of
canplicated design. A good review of the design of experiments in
nonlinear situations as well as the application of these methods in

the estimation of copolymer reactivity ratios is given by Behnken {B5) :
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5.  EXPERIMENTAL RESULTS

All of the primary data obtained from the butane and propane
cracking runs are given in Appendix G. Included here are the measured
experimental operating conditions for each run performed, the observed
mole fraction of all the components in the reactor effluent, the selec-
tivities of these products and the conversions of the feed hydrocarbon.

For the butane cracking experiments, the selectivity of -

canponent i is defined as:

moles of component i produced

Si = moles of butane reacted

Similarly for component i in the propane cracking experiments:

_ moles of component i produced
S. =
i moles of propane reacted

BUTANE CRACKING EXPERIMENTS

The product distributions at the low and middle temperature
levels for the butane cracking experiments are given in Figure 5-1.*
These distributions are given as plots of the integral selectivity
(selectivity after the reaction has been allowed to proceed for a certain
time) of methane, ethane and propane as a function of the conversion of
butane. There appear to be a separate set of curv-es for each
temperature: no significance test was performed, however.

All of the runs carried out at the high temperature level
produced greater than 99.% conversion of butane. The selectivities and

operating conditions of these runs are shown in Table 5-1.

* The spread in these points is due partly to differing hydrogen to
butane feed ratios.
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D=1

PRODUCT DISTRIBUTIONS OF EUTANE CRACKING EXPERIMENTS

HIGH CONVERSION RUNS( APPRUXIMATELY 1UUe PERCENT )
AVERAGE FEED FEED SELECTIVITIES CONVERSION [ RUN
REACTOR RATIO FLOWRATE MOLES PKROUDUCED PER C4 KEACTED OF NO e
TEMPERATURE METHANE c THANE PROPAINE bUTANE

DEGeCo H2/C4 ML e /SECs PERCENT
266 8eUB 103 2069 « 347 e 204 9981 75
266 9e75 leUl 2655 «345 e253 99485 16
267 3e8U le73 378 «109 s UOU 100ev 99
270 6eub le43 320 e3473 «U38 99.83 137
270 599 le4l 3627 «309 « 038 99487 139
270 598 le4?2 3e25 «318 U39 99486 14v
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27U. 9.17 1.79 2069 0300 0238 99.75 ll?
275 3680 175 3682 « 089 e VUU 10060 98
275 8e34 103 3639 e 267 e UZ26 99 .9V 13
274 375 1.00 377 «117 « V0V 100eU 35
281 380" le77 3693 «U35 «U0U 100.V 97
283 Te48 leU4 3e72 «138 U0 9991 69
283, 8e60 l.04 3658 « 207 «UO1 99692 TV
283, 8e61 le82 3667 «151 «009 99,.88 113
284, 8e 79 leO4 3460 e 200U V01 100euU 71
281 8e80 1¢93 3eU8 «302 «1U4 99706 13
283 8e9U le87 3eUD «333 U996 9983 14
282 8098 182 3643 0269 ULl 99.87 115
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258,2 13 238,6 25 258.2

251.5

240.4

238.6

238.7
240,0
239.7
238.6
238.7
243.4
243.9

244.7

237.4
239.8
242.,3
253.3
263.1
265.5
257.0

258.2

259.4

256.,7

257.0

*

259.4
260.6
258.2
258.,2
258,2
258.,2
258.2
258.8
258.4
258,2

258.2

TEMPERATURE HISTORY OF REACTOR

TABLE 5-2

Time Interval Number* and Operating Temperature of Reactor (OC.)

37 258,2 49 283,3 61 258,2 73 258.,2 85 247,2 97 258.2 109 272,9 121  255.7

258,2
258,2
258.2
258,2
266,2
275.3
279.9
290,0
282,1
283.3

283,3

282.,7
283.3
282.,7
282.,7
271.7
259.5
258,2
258,2
258.,2
258,2

258,2

258,2
258.2
258,2
258.2
258,2
258.2
258.2
258.,2
258.2
258.,2

258.,2

Each time interval represents 12, minutes.

258.,2
258.2
258,2
258.,2
258,2
257.6
257.6
258,2
258.8
258.8

258.2

243.5
244,7
246.0
246.0
246.0
246.0
246.0
246.0
246.0
257.6

258.,2

258,2
258,2
258,2
258,2
260.6
269,2
276,6
282,7
283.3
276,.6

274,7

268.0
267.4
268.0
261.,9
258,2
258.2
258.2

258,2

255.7

258.0

257.8

255.1
258.2
255,17
258.2
258.,2
258,2
258.2
258.2
258.2

258.2.

259.4

osv



TABLE 5-2 CONT'D

 259,7 145 259.4 157 242,3 169 258,2 181 258,2 193 283,9 205 266.8 217 246.0 229 258,2

258.2
258.,2
258,2
258,2
258.8
258.9
259.4
259.,2
259.4
259.2

259.4

258.6
258,2
258,2
258,2
258.2
258,2
258,2
258,2
258.8

258.2

- 247.2

246.,0
246.,0
246.0
246,0
253.3
258,2
258.8
258,2
258,2
258,2

258,2

258.,2
258.,2
258.,2
258,2
258,2
258,2
258,2
258.2
258.2
258,2

258,2

258,2
258.,2
258,2
258,2
258,2
258,2
258,2
268,0
276,6
282,7

284,5

283.9
283.9
274.1
275,3
275.3
275,3
275.3
268,6
267.4
267.4

267 .4

258.,2
257.0
257.0
257,0
257.0
258,2

258.2

248.4

244.7

246.0

246 .6

246.0
246.0
246.6
258.2
258,2
258,2
258,2
258.,2
258.2
258.2

258.,2

258,2
288.,2
258,2
258.2
258,2
258.2
258.8
258.,2
258,2
259.4

258.2

241 258,2
258.2
258.2
258.2
258,2
258.,2
258,2
258,2
258.,2
258.2
258.2

258,2

253 258,2
258,.2
258,.2
258,2
258,2
233.7
233.7
23}.7
233.7
233.7
233.7

255.7

47



.TABLE 5-2 CONT'D

y 255,7 277 282,7 289 264.,3 301 259.4 313 246,0 325 283,3 337 258,2 349 258,2 361 258.,2 373 271.,7 385 246.0

255,7
255.7
255.7
255,7
255,7
255,7
258.2
258,2
259.4
265.5

274.7

282,7
281.5
281,5
275.3
276.0
268,0
268.0
266.8
258,2
258.8

259.4

257.0

255.7

253.3

258,2
258.2
258.,2
258.2
258.8
258.8
259 .4

259.4

259.4
257.0
257.0

258,2

258,2

258.2
258.2
258,.2
246.0
246.0

246.0

246.0
258,2
258,2
258,2
258.2
258.,2
260,6
270.4
279.0
282,7

282.,7

282.7
275.3
270.4
270.4
269.8
258,2
258.2
258.8
258.,2
258.2

258,.2

258.2
258.,2
258.2
258.,2
258.2
258,2
259.4
258.8
258.2
257.6

258.8

249.0
247.2
246.0
246.0
246.0
246,0
246.0
253.3
260.6
252.,1

258.2

258.2
258.2
258.2
258.2
264.3
271.7
271.7
2717
271.7
2717

271.7

271.7
271 .7
271.7
269,2
258.2
258,2
258.2
258,2
258.2
258.2

258,2

246.0
246.0
246.0
246.0
253.3
258,2°
258.2
258,2
258,2

258.2

'258,2

14
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'PROPANE CRACKING EXPERIMENTS

The integral selectivities of methane and ethane as a function of
the conversion of propane is shown in Figure 5-2.

Since only two temperature levels were investigated, it is
convenient to observe the conversions of propane on an experimental

design grid. This is shown in Figure 5-3.

CATALYST ACTIVITY CHANGES

In the butane cracking experiments each of the experimental
design points was straddled by two experiments performed at standard
operating conditions. These experiments should give an indication of
the change in catalyst activity during the course of the experiments.

A plot of the conversion of butane for all of the mid-point runs

versus the run number is shown in Figure 5-4. An apparent steady increase
in catalyst activity to an asymptotic maximum may be observed.
Unfortunately the operating conditions of these mid-point runs were not
all exactly the same and, in fact, some differed considerably. One
replicate at each mid-point run was chosen which had measured operating
conditions closest to a standard operating condition. These runs are
given in Table 6.2-2, and are also identified in Figure 5-—4.

The temperature history of the reactor and the reducing
temperature of the catalyst are given in Figure 6.3-9 and Table 5-2.

Mid-point runs were also performed in the propane cracking
experiments, though not as frequently as in the butane experiments.

A plot of the conversion of propane for these mid-point runs as a function
of the run number is given in Figure 5-5. No general trends in catalyst

activity may be observed.



6. ANALYSIS OF RESULTS

This section of the thesis describes the development of

mathematical models of the chemical reactions involved in this

experimental program and the use of these models with the experimental

data to extract kinetic parameters.

In the first part the development of the models is described;
the strategy for the estimation of the parameters is presented in the
second part; and in the third part the validity of the models is

discussed.

6.1 MATHEMATICAL MODELLING

This section describes the modelling work done in order to
simulate the observed physical phenomena and where possible, to
estimate meaningful kinetic parameters. It is convenient to éresent
the development of the mathematical models in four parts: The first
part gives the development of the equations describing the butane
hydrogenolysis and includes the modification for changing catalyst
activity. The second part presents the rate expressions for propane
hydrogenolysis. In the third part, the packed bed reactor model,
in which the differential rate expressions are used, is described.
Part four discusses the problem of changing (increasing) catalyst

activity and models to account for these changes are suggested.

47.
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6.1.1 THE KINETIC MODEL FOR BUTANE HYDROGENOLYSIS

6.1.1.1 INTRODUCTION

In the hydrogenolysis of butane, the following reactions are

possible:
Catyo * 1y =gy T g
CgHy o + H, > 2¢2H6 6.2
C3H8 + Hz > C2H6 4+ m4 6.3
CH, +H, > 20, 6.4
CqHyo + 3H, > 4CH, 6.5
CjHg + 2H, —  3a, " 6.6

In order to describe the reaction rate of butane, in an integral
reactor, it is necessary to know the hydrogen concentration at every
point. Since the hydrogenolysis of the products, propane and ethane,
-(equations 6.3, 6.4, and 6.6) occurs simultaneously, it may be necessary
to include these reactions in the description as well, in order to
predict the hydrogen concentration. Moreover, there may be other
interactions, such as surface coverage by adsorbed molecules, that
would affect the butane kinetic model. Therefore, a full or partial
description of the other 1:-'eactions is necessary in order that the
parameters estimated from the experimental, integral bed data be
meaningful.

(1H4)

Using the Hougen and Watson approach which assumes first-



‘'FIGURE 6,1-1

OVERALL REACTION SCHEME FOR

HYDROGENOLYSIS OF BUTANE
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order reaction on the surface and the adsorption-desorption phenomena,
30 parameters would be required for a full description (Appendix I.2).
Since this would lead to excessive experimentation and computer time,
it was decided to cambine their approach with that of Cimino, Boudart

and Taylor (1)

. (Appendix I.l). Moreover, same assumptions could be
made concerning same of the above reactions on the basis of experimental
observations.

Reactions (6.1) and (6.2) are assumed to occur because of the
product distribution in the reactor effluent. Propane hydrogenolysis
experiments indicated that reaction (6.3) proceeded at an appreciable
rate under the experimental conditions which prevailed in the butane
experiments. On the other hand, tests with ethane feed in the
fluidized bed reactor under these conditions indicated very little
conversion (6.% at 258.°C.) and, therefore, reaction (6.4) in which
the ethane in the gas adsorbs and reacts on the catalyst surface, was
assuned not to occur. Reactions (6.5) and (6.6), as such, werée assumed
not to occur because of the low probability of breaking two or three
carbon-carbon bonds simultaneously.

A schematic diagram which shows the reaction paths more
effectively is given in Figure 6.1-1*., For simplicity this diagram
shows only the major compounds involved in the reaction paths. The
compounds labelled Cl' C2, C3 and C4 are the hydrocarbon species in
the gas phase. The compounds labelled C,*, C2*, C3*, and C4* represent

* This scheme was suggested by Professor R. B. Anderson and Ph.D.-
candidate J.C. Kempling of McMaster University, who were studying
these reactions on a ruthenium catalyst.
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the hydrocarbon species adsorbed on the surface of the catalyst and in
a highly active state. All hydrocarbon cracking is assumed to occur
through the breaking of the carbon-carbon bonds of these highly active
adsorbed camplexes. Consistent with the above mentioned assumed
reacﬁion paths, the possible reaction paths are shown in Figure 6.1-1
with solid lines. Reaction paths assumed not to occur are shown with
dotted lines. (mly adsorption of butane and desorption of methane paths
are considered, since in the rate equations yet to be developed, only

net rates for these campounds will be considered.

6.1.1.2 ASSUMPTIONS
The following assumptions were necessary since no method was
available for observing the particular phencmena:

(i) Steady-state prevails on the catalyst surface

The steady-state assumption says that the rate of change with
time of active species on the catalyst surface is zero. That is to
say, an equal number of active species of a particular type disappear
through reaction and desorption as are formed through reaction and
adsorption.

(ii) Parallel reaction of butane to propane and ethane

The fraction F represents the amount of C 4* species that cracks
down to C3* and Cl* species. It may be noted from Figure 6.1-1 that if
the fractional split, F, is not specified, there exist an infinite
number of solutions, as far as simulation is concerned, for the reaction
scheme. That is to say, for any given value of F, a set of model
parameters may be chosen which will describe the product distribution for

any experiment. F could not be predicted from the experimental analysis
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of the effluent gas. This factor was, therefore, estimated by looking
at the propane, ethane and methane selectivities when these quantities
were extrapolated to zero butane conversion. These selectivity curves
are giver{ in Figure 5-1. It is to be noted, that at zero conversion

the selectivity of C1 is greater than the selectivity of C This poses

3.
the question as to whether the Cl came from further cracking of C3

from the cracking of C2* which came from C4*. Since experiments with

ethane and propane suggested that propane cracks more readily than

* or

ethane and since at zero butane conversion the selectivity of ethane
was approximately 0.2 and the selectivity of propane was less than 0.9,

it was assumed that the C, came from further cracking of C

1 o

With this assumption, the experimental data suggest F as being
very close to 0.9, although F could be as low as 0.7. These observations
do suggest, however, that the end carbon-carbon bond is more easily
broken than the centre one, since if these bonds were broken with equal
ease, F would be 0.66. It is emphasized that any value of F between
0.7 and 0.9 would probably produce a unique and equally valid, fram a
simulation point of view, set of kinetic parameters estimates. F was
chosen as 0.9 since no measurement technique was available to provide
better estimates. Moreover, it must be emphasized that the primary
purpose of the kinetic model was to simulate rather than to uncover
fundamental mechanisms.

The factor F was assumed constant with temperature and catalyst
activity. This says that the difference in energy requirements to

break the end or middle carbon-carbon bond in C,* stay constant with

4
changes in temperature and catalyst activity.



53.

(iii) cCatalyst activity

Catalyst activity is defined as the ratio of the rate of reaction
at any time to the rate of reaction as similar experimental operating
conditions, and at a time at which the activity is defined as the known
or reference activity. Catalyst activity is assumed directly related
to the number of active sites on the catalyst surface. All sites are
assumed to have the same catalytic properties. A more detailed
description of the proposed model for catalyst activity changes is
given in section 6.1.3. The catalyst activity is assumed to have a
linear effect on all rate processes involved in the reaction, and
therefore, a factor for activity is included in all rate expressions.
This factor is the ratio of the rates or frequency factors at the
operating conditions under study to those at a standard operating
condition.

(iv) Kinetic order

First order adsorption, desorption and reaction kinetics are

assumed as no data are available to suggest anything different.

6.1.1.3 MODEL DEVELOPMENT

Figure 6.1-1 will be broken down into sections according to
components. Equations describing the adsorption/desorption and reaction

phenamena will be given in turn.

BUTANE
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The net rate of disappearance of butane from an analysis first

proposed by Cimino, Boudart and Taylor () and developed for butane in

Appendix I.l is described by:

where r

k m n
" . exp{-AE_/RT} P P 6.7
k; kg Py c, 'H,

rate of reaction (moles/sec. gm. catalyst)

activation energy for butane reaction (cal./gm.
mole)

frequency factor for butane (moles/sec. gm.
catalyst atm,” (™)

partial pressures of butane and hydrogen, respectively
(atm.) ‘

constants

The term k/ko has been included to represent the catalyst

activity as defined above. Calculation of these values will be

described in Section 6.2.2.3.

PROPANE

F.r
Ca
r, Vv
e C *
b o
d
rr
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For the propane part of the butane model consider separate

rate expressions for the adsorption and desorption of propane. Assume

that the inhibitory

effect of hydrogen on rate of reaction (51, M2)

affects the adsorption of propane and that the rate of reaction of C.*

3

on the surface is proportional to the fraction surface covered by C3*

species.
Assume then

described by:

=
B
n

that the rate of adsorption of propane can be

» »

k ‘ m n :
k » a a C;. 'H

rate of adsorption of propane (moles/sec. gm.
catalyst)

frequency factor (moles/sec. gm. cat. atm,” @07,

activation energy for adsorption process (cal./gm.
mole)

partial pressure of propane (atm.)

oconstants

Let K, represent the ratio of rates of reaction to desorption

Kog ™

where r.,rg =

..’ *
EE ) krexp{AEr/RI‘}.e3

r - ™
d kd exp { AEd/M‘} - 03

6.9

rates of reaction and desorption (moles/sec. gm.

catalyst)
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kr' kd = frequency factors (moles/sec. gm. catalyst)

-AE_, -AE e = activation energies for reaction and desoroption,

respectively (cal./gm. mole)

63* =" fraction of active surface sites covered by C3*

species

Again, assuming in Arrhenius expression:

sz exp {—AEPz/R‘I‘} 6.10

Koo

:
7
|

kr/%a

—AEr + AEd

$

By a mass balance on C,*, assuming a pseudosteady state on the

surface:
F. rc4 tr, = rg+r, ‘ 6.11
= rd + Ky o Iy 6.12
‘ F . rC4 + r,
ce rg = e sz) 6.13
The net rate of desorption of propane is: -
rC3 .= ry - r, 6.14

which from equation 6.13 yields

F s rC - KPZ ra
r, = (14 — : B.15
3 « + Kpo
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Therefore, the rate of production of propane may be represented

by:
F.r,_ k_ .Ky .exp (-2, /RT} P, mp n°
4"k 3
r. = - 6.16
3 1. + Ky, - €xXp {—AEPZ/RI‘}

-AEPl = —AEr + AEd - AE
ETHANE

: o

E 2(1 - P)x,
4

< * &
C2 rc2 C2
|

In this case, we assume that there is not an appreciable
readsorption of ethane onto the surface.
Let K, represent the ratio of the rates of reaction on the surface

to the rate of desorption:

: *
" kl exp {-AEl/RI'} - 8,
K, = = = 6.17
X " B
C2 kd exp {-AEd/M‘} - 6
where ryr I = rates of reaction and desorption, respectively

(moles/sec. gm. cat.)
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kl > kd = frequency factors for r and Loy respectively

2
—AE;, —AE& = activation energies for reaction and desorption,
respectively (cal./gm. mole)
62* = fraction of active surface sites ocovered by C2*

species
By a mass balance on Cz*, again assuming pseudosteady state on

the surface:

r. + 2. (1-F . rc4 = rc2 + 6.18
where r. = F. rC4 - I 6.19
3

Therefore, by substituting 6.19 and 6.17 into 6.18 and

simplifying, the rate of production of ethane is:
(2. - F) r X
4 g
r =, 6.20

2 1.+ k; exp (-E/RT) ]
ky/kq

- = = " ]
AEE AEr + AEd

g
o
[

METHANE AND HYDROGEN

By overall mass balance on equations (6.1) to (6.6) and assuming
pseudosteady state, the rate equations for the production of methane
and disappearance of hydrogen are:

r = 4.7x - 3 .r - 2.r 6.21
Sy Cy C4 2
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6.22

6.1.1.4 SUMMARY
The rate equations given by equations (6.7, 6.16, 6.20, 6.21),
and (6.22) are needed to describe the butane hydrogenolysis. The

kinetic parameters which must be estimated from experiments are:
kys Mg My Ny Ky), Koy, M7y 0%y kg, ABp, 0By, AEp,

The values of m and m” were assumed equal to one. This appeared
to be a reasonable assumption in light of the reported literature
(see Table 3.1-1) in which the rates of reaction appeared essentially
first order with respect to the hydrocarbon partial pressures. This also
would remove two parameters from an already unwieldy long list of

parameters.

These kinetic equations must be combined with the fluid
mechanical and material and energy balance equations to predict the

performance of any chemical reactor.
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6.1.2 KINETIC MODEL FOR PROPANE HYDROGENOLYSIS

The model developed to describe the kinetics of the hydrogen-

olysis of propane is analagous to that developed for butane cracking.
The schematic diagram including the various species involved

in the kinetics is given below:

G
Cs > G*
r l
] *
c, < c,
rcl l rl
*
€ « £y

All of the assumptions in the butane model are also applied here.
The nomenclature used is the same. Since the development of the
equations describing the reactions are identical with those presented
for the butane system, little detail will be presented. Since no
significant change in catalyst activity was observed, catalyst activity

factors will not be shown.

PROPANE
The rate of disappearance of propane in the gaseous phase is giVen

by an analagous Cimino-Boudart-Taylor type analysis:

r, = exp {-aE /RT} P, " P " 6.23
e, kp Ep/ c, "B - |
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where kp = frequency factor (moles/sec. gm. cat. atm.‘-(m 5y n))
AE, = ‘activation energy (cal./gm. mole)
ETHANE
Analagous to equation 6.17 let:
11 %
_ ry | klexp {-ABr/RI'} - 8
K, = = -~ 6.24
rc2 kd exp {-AEd/RI‘} .- 8

By mass balance on Cz* and assuming pseudosteady state:

x = r + r 6.25
By substituting 6.24 into 6.25

X
c
U - S 6.26

2 |ln «x

Thus, the rate of production of ethane is:

kp exp {-AE,/RT} Pc3m PHzn | |
r = ’ 6.27

G 1. + kgexp {-AEE/RT}

where kE = kl/kd

g

AT "
AEr + AEd



‘METHANE AND HYDROGEN

62.

By overall mass balance, the rates of production of methane and

disappearance of hydrogen are given by

E o = 3.r -2 & T}
% S G
xr = 2.r - r
H S S

6.28

6.29

The rate equations given by equations 6.23, 6.27, 6.28 and 6.29

are required to describe the propane hydrogenolysis.

parameters which must be estimted from experiments are:

Kpr Wpr K OFp, m and n.

The kinetic
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6.1.3 MODEL FOR PACKED BED REACTOR

The technique used to estimate the parametersin the models for
butane and propane hydrogenolysis involves camparing an observed
integral value (i.e. . the reactor effluent) with a calculated value
which must also be an integral quantity. This calculated value must
be obtained by solving the appropfiate differential equations.
describing the packed bed reactor. This section gives the model used

to describe the packed bed reactor.

ASSUMPTICNS
Since the reactor used in this study was of a small diameter

(0.70 am.) and the particles were very small (diameter = 120. u), a

nunber of assumptions could be made which allowed an extremely simple
formulation to describe its performance. These are listed below.
(i) The packed bed is assumed statistically hamogeneous with

all changes in the bed occurring continuously and smoothly. This
follows since the bed diameter is approximately 50. particle diameters
and its length is approximately 1900, particle diameters. Hlavadek (H8)
reports that a heterogeneous packed bed may be treated as a continuum
if the tube diameter is greater than 10. particle diameters and the
depth of the reactor is greater than 6. particle diameters.

(ii) The velocity is assumed uniform over any cross-section,
that is, the gas flows in plug flow.. Measurements reported by Beek(BlG)
have suggested that, if the particles are small, the velocity profile
is flat over the central portion at least. The problem is still
unresolved, althouéh with the tube diameter many times the particle

diametey, the gas flow should tend to be uniform over most of the
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cross-sectional area.

(iii) Concentration gradients in the radial direction are
assumed negligible. The packed bed encourages radical mixing and the
diffusion path is small because of the small tube radius (0.35 am.).

(iv) Axial diffusion is assumed .small. The detailed
calculations supporting this assumption are given in Appendix F.

(v) The reactor is assumed isothermal. The maximum temperature
variation under the worst conditions was measured to be less than 2.°C.
Maximum temperatures could have occurred in the reactor at locations
other than those indicated by the four thermocouples but at no time
were high temperatures recorded. The stirred salt bath was expected to
provide good heat transfer on the outside of the reactor.

(vi) The reactor was assumed to operate at constant pressure
since less than 0.06 atmospheres pressure drop was observed across the
packed bed.

~ (vii) It was assumed that no interparticle or intraparticle
mass transfer limitations existed and the heat transfer rate was
sufficient to keep the particles at the same temperature as the gas.
Calculations supporting these assumptions are given in Appendix F.
(viii) The gases in the reactor are assumed to obey the ideal

gas law.

MODEL

By mass balance on a differential height of packed bed reactor:

ac _ v
ax u
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where ¢ = oconcentration (moles/volume)
-r. = rate of disappearance of any camponent with units (moles/
sec. — volume of packed bed reactor)

-u = feed superficial gas velocity in reactor (am./sec.)

X = length along the reactor (am.)
since u = v and ¢ = P_
A RT
& _ RTA (-x,) 6.30
dx v
where P = partial pressure of any component (atm.)
T = temperature in (°K.)
R = universal gas law constant (atm. cm.3/gm. - mole°kK.)
A = reactor cross section area (cm.z)
V = volumetric flowrate through reactor (an.3/sec.)

METHOD OF SOLUTION

In the case of the butane hydrogenolysis reaction, the
corresponding rates of disappearance of methane, ethane, propane,
butane and hydrogen were substitued into equation (6.30) giving five
coupled non-linear ordinary differential equations. These equations
were integrated numerically using a fourth order Runge Kutta integration
routine. Ample discussion of this generally accepted technique is
given by Lapidus (£2) . The step-size was allowed to vary by monitoring

the integration error and the maximum and minimm allowable errors



6 and 10.78 atmospheres. One pass through the reactor

were 10."
calculations required less than a second of computer time on a C.D.C.

6400 camputer.
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6.1.4 MODELS FOR CATALYST ACTIVITY CHANGE

During the course of the butane cracking experiments, a greater
than two hundred percent increase in catalyst activity was observed.
This increase may be seen in Figure 5-4 and the method used to account
for these activity changes is described in section 6.2.2.3 of this thesis.
The purpose of this section is to develop models that would describe

mathematically the rate of change of catalyst activity.

INTRODUCTION

The catalyst was reduced prior to experimentation for eight
hours at approximately 265°C. This temperature was approximately the
maximum temperature that could be achieved in the fluidized bed reactor
at the time __these experiments were performed. The maximum temperature |
achieved, however, during the butane cracking experiments was over 280°C.

When working with these reduced metal catalysts; reduction
temperature should be such as to ensure total reduction of the oxide.
Taylor, Yates and Sinfelt ) found that 370°C. was a reasonable
temperature for their 10.% by weight nickel on silica catalyst. The
temperature history of the reactor during the butane hydrogenolysis
experiments is given in Figure 6.2-4. Since the reduction
temperature was 265°C. and the maximum temperature attained during the
butane experiments was 283;C. , it was proposed that the catalyst activity
increase was due to further reduction of nickel oxide on the catalyst
surface to produce a more active nickel catalyst. The activity models
were developed as an extension of this hypothesis.

The assuhptions to be made in the "varying maximum catalyst
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catalyst activity model" arise from work done by Van Eijk van Voorthuysen

(V3) and reported by Schuitt and Van Reijen (85) . Their nickel

and Franzen
catalyst was manufactured by co-precipitation of nickel nitrate and
alkali solution at 100.°C. It was noted that hydrosilicate-like
structures were always formed. For the reduction of these nickel
oxide-silica-water complexes, a sigmasoidal variation of percent
reduction (as determined by chemical analysis) with temperature was
observed. That is to say, that for a certain reduction temperature
there exists a maximum percent reduction of the catalyst. Experiments
were performed to ascertain that the reduction process was limited by
the decomposition of nickel oxide and not by the decomposition of the
hydrosilicate structure into nickel oxide, silica, and water. It was

found that the reduction of the nickel oxide was greatly retarded by

the presence of silica.

ASSUMPTIONS REGARDING THE CATALYST REDUCTION

" The following assumptions were made in postulating the models:
In the reduction of the catalyst, inactive nickel oxide is reduced to
active nickel metal. All of the nickel metal sites fdnned are active
and have the same catalytic properties. The rate of reaction at a
cé.rtain time under standard conditions is proportional to the number
of active metal sites on the surface. Thus, the catalytic activity may
be represented by the rate of reaction at standard conditions at any
time, or equivalently, in the case of the case of the butane kinetics,
by the frequency factor, )33 in equation (6.7) for the rate of cracking
of butane,

The two proposed models assume that the catalyst activity, the
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number of active nickel metal sites, and the relative frequency factor, |
are linearly related and the rate of change of these variables with time is
proportional to the difference between the maximum number of active
metal sites possible. and the actual number of active metal sites. No
sintering (agglomeration of nickel oxide or nickel crystals so as to
reduce the surface area) is assmnéd so that the rate does not‘depend on
the surface structure, except as it deteminés active sites. That is
to say that the surface concentrations of active and inactive species
change only because of chemical reaction, not because of changes in
surface structure. The rate constant for this process is assumed to
obey the Arrhenius rate law.

The two models differ in the maximum number of possible active
nickel sites that may be uncovered. The following two sections describe

the two models.

MODEL ASSUMING CONSTANT MAXIMUM ACTIVITY

The first model proposed assumes that the maximum catalyst
activity is constant.

The rate equation proposed is:

dc

3 = kn exp {—AEn/RI‘} . (cm -c) 6.31
where ¢ = the relative frequency factor at any time and at standard
conditions.
C,~ the maximum relative frequency factor.

t = time (min.).

-MF_ = the activation energy for the reducing reaction in
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where
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Calories per unit relative frequency factor (since this is
assumed linearly related to the concentration of active
sites on the surface of the catalyst).

By integrating equation (6.30) we obtain:

t
n ~ SXP {In (Cm - Co) - foknexp (-AEn/RI‘) dat} 6.32
Co = Catt = 0

Temperature data Ti are available in Figure 6.3-12; these were

read from the recorded records at 12-minute time increments and cover

the entire period of experimentation. Twelve-minute time intervals

were chosen because this time interval was felt small enough to justify

using the Trapezoidal rule to perform the integration in equation (6.32).

MODEL ASSUMING VARIABLE MAXIMUM ACTIVITY

In this model, the maximum catalyst activity is assumed to

depend upon the reducing temperature. That is, for any reducing

temperature there is a unique maximum catalyst activity that may be

realized. This assumption stems from work reported by Schuitt and

Van Reijen.

Although Schuitt and Van Reijen show a sigmasoidal variation

of activity with temperature, it is assumed that the experimental

conditions here cover the linear portion of their curve. Therefore, as

an approximation the maximum catalyst activity is assumed to depend

linearly upon the reducing temperature in the manner:

Cm = k (T—To)
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where k” is a constant
T is the temperature in °K. below which reduction of the
catalyst does not occur.

T is the operating temperature in °K.
The proposed rate equation is:

dc

at = k, e {(-AE/RT} . [k" (T -T) - C] 6.3

Where AEV is the activation energy for the reduction process described
by the above assumptions.

It may be noticed that, upon rearrangement, equation (6.33) may
be represented by:

g% +P(tle = Off)
where P(t) = kvexp {—AEV/RI‘}

Q(T) = k, k” exp {-AEV/KI‘} . ‘(T - T.)

This equation is a first order linear ordinary differential

equation with the general solution:

t
ferxp{f'Pdt}dt+co ‘
C (t) = 6.34

exp {/_ Pdt}

o B ¢ ¢

O

where c(t) = coatt = 0.

Since no axygen is present in the feed to the reaction, the
reduction progress may be oconsidered irreversible

That is dc

at ’
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Thus, in solving equation (6.32) numerically, the constraint

must be imposed:

dc

3 0 :Lfk‘(T-To)<c

Again, the 'I‘fapezoidal rule may be used to solve equation '(6.34) ‘
It must be noted that in integrating the function

J Qexp {/f Pdt} dt
between two time limits, the integral

[/ Pdt

must be evaluated at the end of each time interval.
The validity of these two models for catalyst activity change

will be discussed in section 6.3.3.
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6.2 PARAMETER ESTIMATION

’Il;lis section deals with the estimation of the parameters for
the various models proposed in section 6.1.

Part l of this section gives a brief review of the theory of
non-linear parameter estimation and the theory from which confidence
intervals for these parameters may be obtained. Part 2 describes the
strategy, using this theory, to obtain parameter estimates for the
butane cracking model. Parts 3 and 4 describe the strategies used to
estimate parameters for the propane cracking model and the models
proposed to describe the catalyst activity changes. Finally, Part 5
gives the confidence intervals for the parameter estimates for the

butane model.

6.2.1 INTRODUCTORY THEORY

This section will be divided into three parts. The theory of
non-linear parameter estimation is discussed in the first part. The
method used to investigate the errors in the parameters will be
discussed in the second part. In the third part, a description of the
grid search, the Rosenbrock direct search and the local linearization

techniques for obtaining best estimate parameters will be given.

(i) NON-LINEAR IEAST SQUARES THEORY

A mathematical model or set of equations describing a physical
process may be represented as

=z 6035
Nui noi (& X))
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where 06 is a colum vector of unknown parameters whose values may,
at best, be estimated. This colum vector of p parameters

may be represented by:

9 = {01, ez,oooooaoo’ ep} ' 6-36

The best estimate parameter values are usually denoted by:
g* = {el*,ez*’ou-o.--o’ ep} 6.37

is a vector of constants*for the uth experiment. These

A:X

"independent variables" are usually experimental operating
variable settings and are assumed known precisely for each
experimental run. The vector of k independent variables

for the uth experiment may be denoted by:

’_‘u = {Xlﬂ.’ Xuz,........, X‘Jk} 6.38

and n_. 1is the dependent variable or value predicted for the =

ui
response of the uth experiment given the vector of
parameters 6 and the vector of independent variables X,
When an experiment is performed at X, and a value Yod is
observed for the ith response variable. Assuming that the model describes
the physical situation exactly, the measured response, because of

experimental error, is given by :
) + e 6.39

where €ui is the error in the ith response of the uth experiment.

* Perfectly known coefficients which are functionally dependent on the
operating conditions.



If the errors are assumed nomally distributed:
* =

E {yui} Nui

The main problem to be discussed in this section is:

when given a vector of observations,
y = {yll’ Yygreeeereees ynr}

for n experiments with r responses at each experiment,

observed at the independent variable settings,

E = {Xll’ Xlzlouotto..,xn](}

how does one obtain the best estimates of the parameter values:

8% = {07%, 0%, eiinnns, ep*}

In the case where the model is linear in parameters:

3 respective

i.e. 1Y is independent of the fparameters*#*
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6.40

6.41

6.42

6.43

the parameters may be estimated quite easily using linear least squares

theory (D3) .

The problem becomes more difficult in the case where the model

is non-linear in the parameters:

i.e. g—;l depends upon the parameter values

6.44

* E is the expectation operator.

** This definition of linearity is assumed to suffice for our purposes.

Here n is the explicit form of the model.
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In this case non-linear least squares methods must be used.
Assume that the errors eyi 2Fe nomally distributed with the

variance matrix V, where the diagonal elements are given by:

var (y,) = E {Iyy; —E (yy; —E (yy;)] } | 6.45
and the off—diagonal'elenents are given by:

cov (Yapr Yop) = E { [¥pg = E (vpp)] ¥ = E (yp)] } 6.46

The probability density function for the observations y, given
that the model and the parameters are perfectly known, may then be

represented by the multivariate normal distribution:

£ (y/n,@) = 7?:_1_7!%.9.@ (% vy = nyy) " VT g - gy 6.47
. L

Before experiments, if the probability of a set of observations
¥i given 8 is proportional to a function £ (8, zi) , then after the

experiments yielding observations y*
L(8) « £(8, y*)

where L(8), here, is the likelihood function.
£(y/n,8) now becames L(8/y;n), the likelihood of the parameters, 6,
given that the model and observations are perfectly known.

The object is to maximize the likelihood function.

From equation (6.47) this may be accamplished by minimizing:

S0 =y = ngg)” VT (g = nyg) G40
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Equation (6.48) is the most general form of the weighted least
‘squares criterion for estimating parameters.

If now the errors €,i 2Te assumed to be independent then the
off-diagonal terms of V become zero and the criterion expressed by

equation (6.48) reduces to:

r n 2
i=1 u=1 W ui ui =’ =u
P l.
where Wui = —m—— 6.50
var (y, ;)

Equation (6.49) is the usual form used for weighted least squares
analysis; this is the form used in the anaiysis of the date in this
thesis.

The problem now becomes one of finding the parameter values 6%
which when placed in the model:

*
ﬂui (9_ ’ 2{_‘1)

produces the value S (8%*)
where S(g*) is the minimum of S(g) with respect to the values of g*.
Several methods are available for finding the minimum sum of squares and

these are described in Part (iii) of this section.

(ii) COONFIDENCE LIMITS FOR PARAMETER VALUES

Confidence contours refer to surfaces of equal likelihood value

in parameter space. For models which are linear in the parameters these

contours are ellipsoids whose axes are parallel to the parameter axes(DS)
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so that indicating two confidence limits of a parameter has some meaning.
In models which are non-linear in the parameters these contours need not
be elipsoids and are usually elongated ridges with the length of these
ridges usually not parallel to any parameter axis. This indicates
correlation among the parameter values and in this case, to give
confidence limits to parameter values, without giving an indication of the
non-linearity of the model, or the extent to which the parameters are
correlated, provides little information G . |
A A good indication of the variance of the estimates of the

parameters is obtained by plotting contours of equal likelihood ratio
(R4, B18, J1).

That is, find the co-ordinates, 6, in parameter space that
satisfy the equation:

L (g*/zln) 10.* ’ 6 51

L (8*/y,n)
where the likelihood function is given by equation (6.47) and a
reasonable likelihood ratio of 10. is chosen.

If the covariances in the matrix V are not known, or may be
assumed equal to zero, _V__l may be approximated or replaced by a diagonal
matrix whose elements are represented in equation (6.50).

The two ways in which the covariance matrix for the experimental

observations was calculated in this work are given in Appendix H.

* Perhaps a value of 100 would be a better choice, in view of the large
number of parameters, however, in this case it would make little
difference in the results.
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(iii) MATHEMATICAL METHODS FOR FINDING THE MINIMUM SUM OF

SQUARES OBJECTIVE FUNCTION

To obtain the minimum value of S(8), the weighted sum of squares
objective function, this continuous function may be treated as a response
surface in parameter space. The problem becomes one of finding the
minimum po